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Chapter 1

Introduction

Significance of the problems
Nowadays, the rising of petroleum diesel price and environmental concern are

causes of finding a new energy source. Biodiesel is one of the most attractive alternative 
fuels. It is renewable, biodegradable, non-toxic, and can be used directly in diesel engine 
without modification (Srivastava and Prasad, 2000: 131). The growth rate of biodiesel
production in several countries increases drastically. The prediction in South East Asia 
could contribute as much as 20% by the year 2020 (Lam et al., 2010: 502). In Thailand, 
the government plans to have the production rate of 8.5 million liters per day in 2012.

The reaction that is widely used to synthesize biodiesel is transesterification. 
The aiming of transesterification is reducing the viscosity of oil and improves cetane 
number. The preferred catalysts which are used in the transesterification are alkali and 
acid catalysts. Alkali-catalyzed transesterification is often used commercially because it 
provides faster reaction rate than use of acid-catalyzed transterification. Moreover, alkali 
catalyst is less corrosive than acid catalyst. 

Biodiesel is not competitive in the fuel market because biodiesel production 
costs approximately 1.5 times higher than petroleum diesel (Phan and Phan, 2008: 3490). 
Virgin oil cost is around 80% of the whole production cost (Marchetti et al., 2008: 740). 
Hence, taking cheap alternative feedstock oil such as waste cooking oil is interesting.  
Nevertheless, the high contents of free fatty acid (FFA) and water in waste cooking oil 
can affect alkali-catalyzed reaction. In general, for alkali-catalyzed process the limit of 
FFA and water should be kept under 0.5% wt. and 0.05% wt., respectively (Freedman et 
al., 1984: 1639). To produce biodiesel from waste cooking oil, one possible way is to use 
two-step methods that is, firstly pretreat the oil via esterification process to remove FFA 
and then followed by transesterification to produce biodiesel.

The alternative way to improve efficiency of the two-step method process is 
investigated by Shen et al. (2011: 750). This study designed reaction section to improve 
reactor efficiency to reach high conversion of oil. The influent factors are methanol to oil 
molar ratio, reaction time, split ratio, and internal recycle ratio. If conversion oil is high 
enough, separation, and purification will be simpler, namely, there is no need of methyl
ester purification column. 

However, the two-step method process is very complicated. Alternatively, a 
free-catalyst and simple purification method, namely, supercritical methanol method can 
also be used. 
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Biodiesel production via supercritical methanol process has great advantages 
that the method is insensitive to FFA and water and does not require catalyst, hence, 
results in simpler purification process. Moreover, only a short residence time (2-10 min.), 
is required to achieve more than 99% conversion (Demirbas, 2002: 2349-2356; Kusdiana 
and Saka, 2001: 695, 2004: 291). However, the synthesis of biodiesel by supercritical 
methanol process has drawback with high cost of apparatus due to the high temperature 
and pressure, which is not viable in the large practice in industry. There is an improved 
process by introducing co-solvent which is called subcritical methanol with co-solvent.
Co-solvent such as, carbon dioxide, hexane, and calcium oxide, added to the reaction can 
reduce the operating temperature, pressure and the amount of alcohol (Yin et al., 2008:
3515). Co-solvent can change immiscible liquid (oil and alcohol) to single liquid 
(Sawangkeaw et al., 2010: 1-13). The process is called Subcritical methanol with co-
solvent process which can still provide high conversion with short residence time. This 
process is interesting to synthesize biodiesel production in the future.

Technic and economic evaluation of biodiesel processes have been studied by 
many authors (Kasteren and Nisworo, 2007: 442-458; Lee et al., 2011: 2626-2642; 
Marchetti et al., 2008: 740-748; Morais et al., 2010: 253-258; Zhang et al., 2003a: 1-16; 
2003b: 229-240;). Each work compares biodiesel production with new technology at that 
time. However, there has not been economic comparison between the subcritical 
methanol with co-solvent process and the others. Although Kasteren and Nisworo (2007:
442-458) studies subcritical methanol with co-solvent process, this work is based on 
Dutch economic information and then is compared with other works (Zhang et al., 2003b:
239) which are based on European economic index factor.

The aim of this research is to study biodiesel production from waste cooking 
oil by use of supercritical methanol and subcritical methanol with co-solvent processes. 
The two processes are evaluated and compared with the two-step conventional process. 
This research is divided as three parts. In the first part design alternatives of processes are 
considered and carried out using Aspen Plus v.7.3.2 and then economic analysis is 
evaluated using Aspen Economic Analyzer v.7.3.2. In the last part, technic and economic 
assessments of the proposed processes are compared and evaluated.

Objective of research
Technic and economic assessment of biodiesel production process by 

supercritical and subcritical methanol

Scope of the research
1. Waste cooking oil is considered as biodiesel feedstock
2. Four design alternatives of biodiesel production considered and proposed are

2.1 Two-step conventional process
2.2 Two-step conventional process with some modifications on the reaction 

section.
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2.3 Supercritical methanol process
2.4 Subcritical methanol process with propane as co-solvent

3. Comparison of technic and economic analysis of each process
3.1 Technic study consists of

3.1.1 Number of equipment comparison
3.1.2 Equipment sizing 
3.1.3 Energy analysis

3.2 Economic study consists of
3.2.1 Total capital cost
3.2.2 Total Manufacturing cost 
3.2.3 Economic indicator (Profitability)

4. Process design and simulation are performed using Aspen Plus v.7.3.2 while economic 
evaluation is performed using Aspen Economic Analyzer v.7.3.2.

 

   ส
ำนกัหอ

สมุดกลาง



 
 

4
 

Chapter 2

Review of related literature

This chapter provides literature reviews related to biodiesel as follows, 

Biodiesel
Biodiesel is defined as  monoalkyl esters of long chain fatty acids derived 

from many kind of renewable feedstocks such as vegetable oils or animal fats. Biodiesel,
an alternative diesel fuel, is environmentally friendly because it has  high Cetane number,  
no aromatics or sulfer compounds, and is biodegradable, thus reducing carbon 
compounds, hydrocarbon and particulate in the exhaust gas (Math et al., 2010: 339; 
Ramadhas, 2005: 516). In other words, biodiesel does not contribute to global warming. 
As a point of comparison, pure biodiesel (B100) releases about 90% of the energy that 
normal diesel does, and hence, its expected engine performance is nearly the same in 
terms of engine torque and horsepower. Hence biodiesel is an attractive alternative fuel 
substitute petroleum-based fuel

Alternative way to produce biodiesel
Ma and Hanna (1999: 1-15) and Dennis et al. (2010: 1083-1095) reviewed the 

studies of alternative production of biodiesel. There are four primary ways to make 
biodiesel, direct use and blending, micro-emulsions, Thermal cracking (pyrolysis), and 
Transesterification. The conclusions of these methods are summarized in Table 1. 
Biodiesel from thermal cracking and transesterification are both good synthesis methods. 
Nevertheless, thermal cracking  provides various products, not only biodiesel, in both 
gaseous and liquid phases. Therefore, all of reactants can not be converted to biodiesel. 
From this reason, thermal cracking is not preferred. Additionally, in thermal cracking  
output energy given is less than the input to produce. Hence, nowaday, the most famously 
commercial scale to synthesis biodiesel is only transesterification.

Alternative feedstock and compositions
A variety of feedstock which can be used to produce biodiesel depends on 

climate, local soil conditions and availability. Different types of oil that can be harvested 
for biodiesel production around the world are shown in Figure 1 (Lin et al., 2010: 1023).
Typical feedstock of biodiesel has various fatty acids chains vegetable raw materials of 
biodiesel are rapeseed oil, canola oil, soybean oil, sunflower oil, and palm oil. Beef and 
sheep tallow and poultry oil from animal sources and waste cooking oil are also sources 
of raw materials. 
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Table 1 Methods of biodiesel production
Methods Advantage Disadvantage Problem in using 

the engine
Direct use 
and blending

- Liquid 
nature-portability

- Heat content 
80% of diesel fuel
- Readily available; 
renewability

- Higher viscosity 
- Lower volatility
- Reactivity of 
unsaturated
hydrocarbon chains

- Coking and 
trumpet formation
- Carbon deposits
- Oil ring sticking;
thickening and 
gelling of the 
lubricating oil

Micro -
emulsions

- Better spray patterns 
during combustion
- Lower fuel viscosities

- Lower cetane 
number
- Lower energy 
content

- Irregular injector 
needle sticking; 
incomplete 
combustion
- Heavy carbon 

deposits;
increase lubrication 
oil viscosity

Thermal 
cracking 
(pyrolysis)

- Chemically similar to 
petroleum derived 
gasoline and diesel fuel

- Energy intensive 
and hence higher 
cost

-

Transesterific
ation

- Renewability
- higher cetane number
- lower emissions
- higher combustion 
efficiency

- Disposal of 
by-product
(glycerol and waste
water)

-

Figure 1 Feedstock around the world 
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The other sources are jatropha curcus, coconut, copra, fish oil, and rice 
bran. In the South East Asia, some plants in this climate are high potential i.e. 
jatropha curcus, coconut, and palm oil. Especially Thailand, this country can harvest 
all of high potential feedstock (Lin et al., 2010: 1023). In Table 2 (Drapcho et al.,
2008: 201), show production of oil crop from each plant sources. Table show palm oil 
has high production oil compare other high potential plant.

Table 2 Production of oil from plant sources 
Oil source Production (gal/acre/year)
Palm oil 635
Coconut oil 287
Jatropha curcus 202

Oil composition can affect important properties of biodiesel. The physical 
and chemical fuel properties of biodiesel basically depend on the fatty acids
distribution of the tri-glycerides (TG) used in the production. The common fatty acids 
are listed in Table 3 (Lin et al., 2010: 1023).

Table 3 Chemical molecules of various fatty acids in common vegetable oil
Fatty acid (Oil) Component Formula Biodiesel
Lauric acid 12:0 C12H24O2 C13H26O2
Myristic acid 14:0 C14H28O2 C15H30O2
Palmitic acid 16:0 C16H32O2 C17H34O2
Stearic acid 18:0 C18H36O2 C19H38O2
Oleic acid 18:1 C18H34O2 C19H36O2
Linoleic acid 18:2 C18H32O2 C19H34O2
Linolenic acid 18:3 C18H30O2 C19H32O2

Table 4 Fatty acid distributions of each feedstock 
Feedstock Fatty acid (% weight /weight)

12:0 14:0 16:0 18:0 18:1 18:2 18:3
Sunflower - - 6.08 3.26 16.93 73.73 -
Rapeseed - - 3.49 0.85 64.40 22.30 8.23
Soybean - - 10.58 4.76 22.52 52.34 8.19
Palm - 1 42.8 4.5 40.5 10.1 0.2
Peanut - 0.3 12.3 4.6 53.6 29 0.1
Coconut 46.5 19.2 9.8 3 6.9 2.2 -
Soybean
soapstock

- - 17.2 4.4 15.7 55.6 7.1

Used
frying oil

- - 12 - 53 33 1

Tallow - 3-6 24-32 20-25 37-43 2-3 -
Lard - 1-2 28-30 12-18 4-50 7-13 -
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In component column, the number before and after colon represent the 
number of carbon atom and double bond chains, respectively. Different composition 
of fatty acids depends on type of feedstock. Table 4 shows fatty acid distribution of 
some biodiesel feedstocks (Lin et al., 2010: 1023). Furthermore, these feedstocks can 
affect to biodiesel properties as shown in Table 5 (Srivastava and Prasad, 2000).

Table 5 Properties of vegetable oils 
Vegetable 

oil
Kinematic 
viscosity
38ºC (cSt)

Cetane
number

Cloud
point (ºC)

Pour
point (ºC)

Flash 
point (ºC)

Density 
(kg/l)

Corn 34.9 37.6 -1.1 -40.0 277 0.9095
Cotton seed 33.5 41.8 1.7 -15.0 234 0.9148
Crambe 53.6 44.6 10.0 -12.2 274 0.9044
Linseed 27.2 34.6 1.7 -15.0 241 0.9236
Peanut 39.6 41.8 12.8 -6.7 271 0.9026
Rapeseed 37.0 37.6 -3.9 -31.7 246 0.9115
Safflower 31.3 41.3 18.3 -6.7 260 0.9144
H.O.
Safflower

41.2 49.1 -12.2 -20.6 293 0.9021

Sesame 35.5 40.2 -3.9 -9.4 260 0.9133
Soybean 32.6 37.9 -3.9 -12.2 254 0.9138
Sunflower 33.9 37.1 7.2 -15.0 274 0.9161
Palm 39.6 - 31.0 - 267 0.9180
Babassu 30.3 - 20.0 - 150 0.9460
Tallow - 40.0 - - 201 -

The physical and chemical changes in vegetable oil during frying
Math et al. (2010: 340) and Marchetti et al. (2008: 740) revealed that 

major cost, approximately 70-80%, of biodiesel production cost is from the feedstock. 
Therefore, finding a new cheap feedstock is one choice to solve the problem. Waste 
cooking oil is available in many countries and its use as feedstock does not affect of 
consuming edible oils.  Nevertheless, waste cooking oil has some impurities, namely, 
FFA and water content, that strongly affect the conventional alkali-catalyzed process. 
FFA can react with the alkaline catalysts and forms soap which inhibits the separation 
of biodiesel from glycerol and which in turn reduces the conversion rate. Certain 
amount of alkaline catalyst is consumed in producing soap and hence catalyst 
efficiency is decreased.

Table 6 FFA content various oil
Type of oil FFA content (% weight)
Refined vegetable oil 0.5
Crude vegetable oil 0.3-0.7
Used cooking oil 5-30
Trap greases 40-100
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Many researches (Cao and Dube, 2008: 1029; Enweremadu and 
Mbarawa, 2009: 2208; Marchetti et al., 2008: 2160; Math et al., 2010: 340; Van 
Gerpen, 2005: 1104) reported the amount of FFA in many feedstock sources and 
regroup that shown in Table 6.

Some common physical changes observed in vegetable oil after frying are 
(i) an increase in the viscosity, (ii) an increase in the specific heat, (iii) a change in the 
surface tension, (iv) a change in color, and (v) an increase in the tendency of fat to 
foam (Kulkarni et al., 2006: 2902). The frying has three types of reactions occur:

Thermolytic Reactions
A thermolytic reaction occurs in the absence of oxygen at very high 

temperatures. If the TG that contains saturated fatty acids is heated at very high 
temperature (180 ºC) in the absence of oxygen, series of normal alkanes, alkenes, 
lower fatty acids, symmetric ketones, oxopropyl esters, CO, and CO2 are produced. 
Unsaturated fatty acids form basically dimeric compounds, including dehydrodimers, 
saturated dimers, and polycyclic compounds. Unsaturated fatty acids also react with
other unsaturated fatty acids via the Diels-Alder reaction, forming dimers, and 
trimers. In the case of glycerides, this reaction happens between acyl groups within 
the same molecule (Kulkarni et al., 2006: 2902).

Oxidative Reactions
Unsaturated fatty acids may react with molecular oxygen.

Hydroperoxides formed as a primary product during the reaction may further form 
many other compounds, such as isomeric hydroperoxides that contain conjugated 
diene groups. Hydroperoxides also produce many chemicals with a significant 
variation in molecular weight, flavor threshold, and biological significance. The 
alkoxy radical is formed via scission of the O-O bond of hydroperoxides. This alkoxy 
radical may gain or lose H atom(s) to form the hydroxy or keto derivatives, 
respectively. Various chemicals such as aldehydes, hydrocarbons, semialdehydes, and 
acids are formed by decomposition of alkoxy radicals. In the presence of excess 
oxygen, alkoxy, and peroxy radicals can be transformed into dimeric and oligomeric 
compounds.

Hydrolytic Reactions
The preparation of food causes the hydrolysis of TG. This reaction 

produces formation of FFA, glycerol, mono-glyceride (MG), and di-glycerides (DG).
The change in oil composition by the hydrolytic reaction can be quantified by 
measuring the MG and DG content and not the FFA content of oil, because some of 
the FFA are lost during frying. In these chemical reactions, many undesirable 
compounds are formed to toxicological effects upon their consumption. Ultimately, 
the polar content of the oil increases upon repetitive heating. The quality of the edible
oil after frying is generally assessed based on its polar content. The polar content of 
fresh unused oil is usually between 0.4 and 6.4 mg/100 g. Most European countries 
have set maximum polar content level of 25% in edible oil. The many types of 
undesirable products formed during frying affect either the biodiesel properties or the 
transesterification reaction. Therefore, it is important to know the amount of 
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undesirable products, especially the type of polar compound that is formed during the 
reaction. To remove the undesirable compounds in waste cooking oil, pretreatment of 
the oil is necessary before the transesterification reaction. As discussed previously, 
waste cooking oil is an economical source of biodiesel but transport and pretreatment
of waste cooking oil are the only additional costs involved in the production of 
biodiesel from waste cooking oil.

Biodiesel production by various catalysts
Transesterification reaction is most effective way to produce biodiesel. 

The main factors affecting transesterification are molar ratio of alcohol to oil, 
catalysts, reaction temperature and time. Alcohols which is used for reaction is having 
1-8 carbon atoms. The short chain alcohols such as methanol and ethanol are   
frequently used. Methanol has low cost and greater physical and chemical advantages 
(polar and shortest chain alcohol). It can quickly react and dissolve in TG. To 
complete a transesterification, stoichiometric 3:1 molar ratio of alcohol to TG is 
required. However, in practice, the higher ratio is needed to shift the equilibrium.

The catalyst reactions can be divided to homogeneous or heterogeneous 
catalysts, alkali or acid catalysts and enzymes. The homogeneous alkali catalyst is 
most commonly used because it can bring high yield (95-99% conversion) in short 
time (30-60 mins). The recommended alkali catalysts are sodium hydroxide (NaOH), 
potassium hydroxide (KOH), carbonates and corresponding sodium methoxide 
(CH3ONa) as potential catalyst for transesterification. Diaz et al. (2008: 3572-3578)
studied their catalysts and investigated that CH3ONa is the best catalyst while NaOH 
is nearly effective like CH3ONa. However, NaOH is the most promising because it is 
cheaper.

Marchetti et al. (2007: 1300-1311) reviewed possible methods to produce 
biodiesel. Biodiesel can be produced by homogeneous acid-catalyzed method such as 
sulfonic acids (H2SO3), hydrochloric acid (HCl) and sulfuric acid (H2SO4). Kinetic 
reaction rate of acid-catalyzed method depends on acidic value, therefore, catalysts 
which donate hydrogen ion (H+) give good reaction rate. Hence, biodiesel derived 
from both esterification and transesterification are catalyzed simultaneously. 
Although esterification can treat FFA in fast reaction rate but transesterification
requires very long time reaction, therefore, acid-catalyzed method is not preferred in 
the commercial scale. Moreover, the acid-catalyzed method is corrosive. 

Heterogeneous catalyst reaction is also a possible method. This method 
provides easier separation task and the catalyst can be recycled. However, there are 
still mainly problems due alkali heterogeneous catalyst still saponification problem 
with FFA and acid heterogeneous catalyst still long reaction time. Moreover both 
heterogeneous catalysts have high cost of catalyst. Enzyme process can be overcome 
many previously problems. Enzyme method has avoided soap form and rapidly 
reaction time. Additionally, the enzyme process is simple separation section. But 
nowadays, enzyme method has a high cost and can be denature. Each method is 
compared and investigated. Table 7 summarizes the pros and cons of each reaction 
type (Dennis et al., 2010: 1086).
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Table 7 Advantages and disadvantages at each catalyst types used.
Type Advantages Disadvantages
Homogeneous
Alkali

High catalytic activity
Low cost
Favorable kinetics
Modest operation conditions

Low FFA & water requirement
Saponification
Emulsion formation
More wastewater 
Disposable catalyst

Heterogeneous
Alkali

Noncorrosive
Environmentally benign
Recyclable
Fewer disposal problems
Easily separation
Higher selectivity
Longer catalyst lifetimes

Low FFA & water requirement
More wastewater 
High molar ratio alcohol to oil
High reaction temperature and 
pressure
Diffusion limitations
High cost

Homogeneous 
Acid

Catalyze esterification and 
transesterification simultaneously
Avoid soap formation

Equipment corrosion
More wastewater 
Difficult to recycle
Higher reaction temperature
Long reaction times
Weak catalytic activity

Heterogeneous 
Acid

Catalyze esterification and 
transesterification simultaneously
Recyclable
Eco-friendly

Low acid site concentrations 
Low microporosity
Diffusion limitations 
High cost

Enzymes Avoid soap formation
Nonpolluting
Easier purification

Expensive 
Denaturation

The reaction of transesterification

Figure 2 Overall transesterification reactions

The reaction for synthesis of biodiesel is transesterification.
Transesterification is the most widely used to reduce the viscosity of oil. The 
transesterification is the reaction between fat or oil and alcohol to form methyl esters 
or biodiesel as product and glycerol as by-product. A catalyst is usually used to 
improve the reaction rate and yield. The overall reaction is shown in Figure 2.
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Figure 3 Consecutive transesterification reactions

Transesterification consists of three series reversible reactions. TG firstly 
reacts with methanol and converts to Fatty Acid Methyl Ester (FAME or biodiesel) 
and DG which then reacts with methanol again and converts to FAME and MG. The 
last, MG reacts with methanol to produce FAME and by-product as glycerol. The 
concisely consecutive transesterification is shown in Figure 3.

Biodiesel production by supercritical methanol process
Kusdiana and Saka (2001: 693-698) study kinetic reaction rate of 

transesterification free-catalyst in subcritical and supercritical rapeseed oil from 
temperature 200-500 ºC which is reacted with methanol. The supercritical conditions
of methanol have critical point at temperature 239 ºC and pressure 8.09 MPa. It is 
evidence that at subcritical temperature below 239 ºC, reaction rates are so low. The 
recommend condition is 42:1 molar ratio methanol to oil, temperature over 350 ºC 
and pressure over 19 MPa are required to reach a high conversion. Methanol is a polar 
solvent because has hydrogen bond that connect between OH molecule to other 
methanol. Degree of hydrogen bonding decreases with increasing temperature, the 
polarity of methanol decrease in supercritical conditions. Therefore supercritical 
condition of methanol is affect improve solubility between methanol and feedstock 
oil. The supercritical methanol method, free-catalyst process of biodiesel, has great 
advantages such as environmental friendly because of no waste and catalyst treatment.



12
 
Furthermore, there is simple process because of technique no need of pre-treatment 
units and lower equipment in the separation section.

Reaction mechanism of supercritical methanol process
The reactions of supercritical methanol process consist of three reactions. 

The first reaction is transesterification reaction. Although transesterification
commonly consists of three reactions, in supercritical methanol process the reaction is 
assumed as single irreversible reaction due to its rapid reaction rate as shown in 
Figure 4. The reaction initiates from hydrogen bond of alcohol weakened at high 
temperatures (Hoffmann and Conradi, 1998: 31-40). It is assumed that the alcohol 
molecule directly attacks the carbonyl carbon of the TG because the hydrogen bond 
energy is lowered, which would allow the alcohol to be react with oxygen atom to 
produce DG. Consequently, the DG is reacted with the other methanol in the similar 
fashion of the first reaction and produce mono-glyceride and FAME. The last, MG
and new methanol molecule are reacted together and produce glycerol and FAME. 
Supercritical transesterification can provide complete conversion of TG to biodiesel
rapidly because the chemical kinetic is drastically accelerated under supercritical 
states.

Figure 4 Transesterification reaction of supercritical methanol process

The second reaction mechanism of supercritical state, as shown in Figure 
5, is proposed by hydrolysis reaction of supercritical water (Krammer and Vogel, 
2000: 189-206). The hydrolysis reaction of alkyl esters and TG can take place at 
temperature over 210 ºC (Khuwijitjaru et al., 2004: 1-14) and over 300 ºC (King et al.,
1999: 261-264), respectively.

Figure 5 Hydrolysis reaction of supercritical methanol process

In hydrolysis reaction, TG reacts with water to produce FFA and DG. 
Similar to transesterification, DG can further reacts with methanol and produce MG 
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and FFA and so on for MG that produces glycerol and FFA. Therefore, water does not 
affect the supercritical methanol process because it can be consumed to produce FFA. 

The third reaction is esterification of FFA. The esterification reaction
mechanism of supercritical states, as shown in Figure 6, is proposed by Krammer and 
Vogel (2000: 202). FFA is reacted with alcohol to produce FAME and water. This 
esterification is the reason why the supercritical process is insensitive to the amount 
of FFA in the feedstock oil.

Figure 6 Esterification of supercritical methanol process

Although esterification of FFA is reversible, the amount of methanol is 
much higher than the amount of water (Kusdiana and Saka, 2004: 293). All reactions 
and feedstocks in the supercritical states are summarized in Figure 7 (Kusdiana and 
Saka, 2004: 293).

Figure 7 Interactions of the supercritical methanol 

The effect of water on the biodiesel yield in transesterification of TG and 
esterification of FFA under supercritical methanol has been investigated (Kusdiana 
and Saka, 2004: 290-294). In supercritical condition, water affects positively the 
formation of biodiesel. Water can react with TG to produce to biodiesel. Although 
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water can react with biodiesel reversely and form FFA, esterification reaction has 
higher reaction rate than hydrolysis. 

Sawangkeaw et al. (2010: 1-13) reviewed some works relating with 
supercritical methanol (Demirbas, 2002: 923-927; Duangkamol et al., 2009: 2011-
2016; He et al., 2007: 399-404). They found that the chemical kinetics of supercritical 
transesterification can be divided into two regions including the subcritical region
(210-230 ºC) and supercritical region (240-280 ºC). The kinetic reaction rate is 
pseudo-first order model which is suitable to simplify the system at high methanol to 
oil molar ratio. The high temperature enhances the rate of reaction. However, an 
excessively high temperature can lead to thermal degradation of unsaturated fatty acid 
oil content. Therefore, supercritical conditions should be 350-400 ºC (Sawangkeaw et 
al., 2010: 5). Although supercritical methanol process improves many disadvantages 
of conventional methods, excessive energy consumption is required.

Process improvement
Sawangkeaw et al. (2010: 9-11) also reviewed drawback of supercritical 

methanol method. To resolve the problem, this research recommended some 
techniques to attenuate the required high temperature, pressure and molar ratio of 
methanol to oil. Process improvements are investigated and divided into three groups: 
(1) the addition of the co-solvent, (2) catalyst types and (3) process modification.

Addition of co-solvent
Co-solvents can attenuate directly the optimal operating parameters 

because they enhance the mixing between methanol and oil without affecting the 
reaction (Sawangkeaw et al., 2010: 9). The addition of co-solvent can be divided as 
(1) Liquid co-solvent, and (2) Gaseous co-solvent. 

1. Liquid co-solvent examples of this co-solvent are hexane (C6H14) and 
tetrahydrofuran (THF) (Anitescu et al., 2008: 1391-1399). Anitescu et al. (2008:
1395) observed that a two-phase mixture of methanol and soybean oil can become 
single phase using these co-solvents. Liquid co-solvent can also reduce viscosity of 
oil which may cause of pumping problem in process. However, the disadvantage of 
using liquid co-solvent is that addition energy for solvent recycle is required.  
Moreover, hexane is not miscible in methanol and therefore, addition separation 
equipments are required. THF is more appropriate because it is miscible in methanol.

2. Gaseous co-solvent such as carbon dioxide (CO2), propane (C3H8) and 
nitrogen (N2) can also reduce operating parameters, i.e., temperature, pressure and 
molar ratio of methanol to oil. Comparing with liquid co-solvent method, gaseous co-
solvent method requires a fewer energy consumption.CO2 is a good solvent for small 
and moderated sized organic molecules. Imahara et al. (2009: 1329-1332) investigated 
CO2 and propane content between 0.05-0.1% mol. The conditions can be attenuated 
to be only 270 ºC, 10.8 MPa and 24:1 molar ratio methanol to oil. 

Catalyst types
Homogeneous alkali and acid catalysts, such as H3PO4, NaOH and KOH

have been applied to supercritical methanol method (Yin et al., 2008: 3512-3516). 
The operating parameters are milder and the reaction rate is faster than the catalyst-
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free method. However, homogeneous catalysts are not interesting choice because it 
causes more complex separation process. Moreover, Wang et al. (2007: 477-481)
studied the reaction of crude rapeseed oil which has high FFA in the supercritical 
methanol method with NaOH as catalyst. The study shows that NaOH are consumed 
and soap is form. In the addition, homogeneous catalyst is sensitive with some 
impurities.  

For the heterogeneous catalyst such as nano-MgO and CaO (Wang et al., 
2007a: 328-333) operating parameters can be attenuated without problems like 
homogeneous catalysts because heterogeneous catalysts are less sensitive with water 
and FFA content than homogeneous catalysts. Additionally, the catalyst is easier to be 
separated, recycle and more durable. Hence, heterogeneous catalyst in supercritical 
methanol process is promising to enhance the technic and economic feasibility.
Unfortunately, the studies of heterogeneous catalysts are still required.

Process modifications
Another route to achieve milder operating parameters is to use the two-

step method of supercritical methanol process which consists of: (1) preparation step 
with subcritical water and (2) esterification step (Saka et al., 2006: 2479-2483). The 
process flow diagram is shown in Figure 8.

Figure 8 Two-step supercritical methanol process

In the first step, the waste cooking oil and water streams are added into the 
first reactor. TG and water are reacted together to produce FFA through hydrolysis 
reaction under subcritical water condition (270 ºC, 7 MPa). After hydrolysis reaction, 
the mixture of feedstock oil, FFA, water and glycerol are separated. Glycerol, water 
and a small amount of FFA go out through downstream, the lower phase, of separator. 
The separation of glycerol and water can be simply performed by distillation column. 
On the other hand, the upper phase which mainly contains oil and FFA is mixed and 
reacted with methanol inside the second reactor. Esterification reaction can treat FFA 
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to produce biodiesel under subcritical water conditions same as the first reactor. After 
the removal of methanol and water, biodiesel can achieve specification. 

The two-step supercritical process has many advantages: (1) Hydrolysis 
reaction can convert TG, DG and MG to FFA. The first reaction prepare for second 
reaction that rate of reaction are equivalent rates. (2) DG and MG have higher 
reactivity than the TG. The conversion of the two-step supercritical process is almost 
completed. (3) The esterification and transesterification are driven forward by the 
removal of by-products (glycerol) and contamination (water). (4) FFA has better 
solubility than TG, DG or MG because FFA has higher polar and smaller molecule. 
Therefore, the two-step supercritical methanol process is easier to form homogeneous 
phase. (5) The water in the feedstock has no need to remove because it is associate to 
produce FAME and (6) It is not necessary to keep high molar ratio methanol to oil. 
Total conversion can be achieved in a few minutes. Nonetheless, the two-step 
supercritical method is more complicated than the catalyst-free process. The process 
required two reactors and need separator between the two high pressure reactors 
connected in series. The separator must be design for high pressure separation of 
water, glycerol from feedstock oil with mainly FFA stream. Furthermore, the glycerol 
and water stream which is contaminated by trace of FFA requires addition separation 
units. Although a distillation column is the simplest separation unit for handling the 
glycerol and water, it consumes a large amount of energy to operate. 

Alternative for improvement supercritical process
Several methods show promising alternatives for increasing feasibility and 

profitability of supercritical methanol process. The catalyst use also eliminate 
problem of energy consumption but the process requires additional catalyst separation 
section, especially for homogeneous catalyst that may cause more complicated 
process and more investment and operating costs. The additional supercritical reactor 
requires high pressure separator for separation of glycerol and water before feeding to 
the second reactor. This causes more complicated process and construction cost of 
reactor including operating energy. On the other hand, addition of gaseous co-solvent 
is excellent alternative routine because only solvent separation unit is additionally 
required in the conventional supercritical process.  Moreover, gas phase co-solvent 
method requires less energy comparing to liquid co-solvent Gaseous co-solvent as 
propane is investigated by Cao et al. (2005: 347-351). Propane is excellent solvent for 
vegetable oil and improves solubility of the two-phase of methanol and feedstocks 
including TG, DG and MG.

Kinetic reaction
This section reviews literature relating with kinetics of the two-step 

process, supercritical process, and subcritical process with co-solvent.

Two-step method process and Two-step method with improved process
Kinetic reactions of vegetable oils are investigated by many studies 

(Darnoko and Cheryan, 2000; Demirbas, 2002; Donato et al., 2008; Freedman et al., 
1984; Freedman et al., 1986; Jansri et al., 2011). Kinetics of esterification and 
transesterification are based on waste cooking palm oil because mainly cooking oil in 
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the Thailand’s market is palm oil. Many researches reports FFA content which 
increases after cooking process (Van Gerpen, 2005: Cao and Dube, 2008: 
Enweremadu and Mbarawa, 2009). Waste cooking palm oil contains FFA 
approximately 2-7% wt./wt. oil. Jansri et al. (2011) studied kinetic of esterification 
and transesterification of mixed crude palm oil with high FFA nearly 8-12% wt. The 
kinetic reactions are performed at various reaction temperatures. The reactions 
comprise of esterification with H2SO4 as catalyst and transesterification with NaOH 
as catalyst. Esterification is used to treat FFA to FAME until the amount of FFA is 
satisfied and then transesterification reaction is used to convert almost TG to methyl 
ester later. Optimum condition of the esterification is 10:1 molar ratio of methanol to 
FFA and 10% wt./wt. of H2SO4 to oil and transesterification is 6:1 molar ratio of 
methanol to TG and 0.6% wt./vol. TG. Both esterification and transesterification are 
running under temperature 60 ºC and pressure 4 bars. The results of the forward 
reaction are found to fit a first order reaction kinetic law whereas the reverse reaction 
appeared is second order reaction both esterification and transesterification.
Activation energies and kinetic rates in each reaction were also determined by 
Arrhenius plots.

Supercritical methanol process 
Kinetics of supercritical methanol process of soybean oil has been studied 

by He et al. (2007: 399-404). For high conversion of transesterification, molar ratio of 
methanol to oil is required to be more than 40:1. Because reaction is fast reaction rate, 
reversible reaction is ignored and forward reaction is a pseudo first order. 
Temperature above 240 ºC has faster reaction rate. The pressure which has a 
significant effect on the reaction rate is investigated between 8.7-36 MPa. The result 
showed that pressure has effect on yield. Yield is increased about 9% wt. by change 
of pressure from 15.5-25 MPa. Above 25 MPa, the influence of pressure is not 
significant.

Subcritical methanol with co-solvent process 
Transesterification of soybean oil in supercritical methanol method with 

propane as co-solvent is studied by Cao et al. (2005: 399-404). Addition of an 
appropriate co-solvent can decrease the critical point of methanol, and allow the 
supercritical reaction to be carried out under milder condition. Adding propane as co-
solvent is successful to the conventional supercritical methanol process because high 
yield (98%) can be provided in 10 minutes with the reduction of reaction temperature 
from 320 to 280 ºC, pressure from 400 to 128 bars, and methanol to oil molar ratio 
from 42 to 24 for propane to methanol molar ratio 1 to 20. The milder operating 
parameters result in less energy requirement, safer process and lower production cost. 
Furthermore, the co-solvent, propane, is easy in separation and recycles.

Design reactor section
Shen et al. (2011: 741-750) is designing reactor system of biodiesel 

production process by considering methanol to oil molar ratio, phase separation and 
internal recycle. The design aim is to achieve 99% conversion of TG. What important 
is that if the reactor system  can achieve high conversion and yield with smaller molar 
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ratio methanol to oil then separation section will be simpler and results in lower 
capital and operating costs. The fixed parameter in the design are temperature 65 ºC 
and pressure 1 atm. The values of residence time considered are 1 and 2 hours. The 
design of reactor configurations considered is shown in Figure 9 (Shen et al., 2011: 
743). The key design factors consideration are feed ratio of methanol to oil, split ratio 
of methanol (if the configuration has two reactors) and recycle ratio (if the 
configuration has phase separation unit).  

 

 
Figure 9 Configurations of reaction systems (continuous): (a) Single CSTR: 

(b) Double CSTRs: (c) Double CSTR and a decanter without recycle stream:  
(d) Single CSTR and a decanter with recycle stream (e) Double CSTRs with 
two recycle stream 

In the results of reactor design, firstly Figure 9 (a) are experimented in 
various feed ratio methanol to oil from 8 to 30. The result shows in Figure 10 (Shen et 
al., 2011: 744). The single reactor can be reach 99% conversion of TG only at 
residence time 2 hours and molar ratio methanol to oil is 20:1. The first result shows 
molar ratio of methanol to oil higher can get conversion and yield higher. Figure 10,
residence time 1 hour can’t reach conversion 99% wt. hence residence time 2 hour 
only consideration. In the contrast, higher molar ratio of methanol to oil can bring 
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high energy to evaporate high methanol. Hence adding molar ratio methanol to oil is 
the last choice if the conversion and yield cannot be reaches.

Figure 10 Effect of feed ratio on TG conversion 

The second, Figure 9 (b) and 9 (c) compare of double reactors with have 
not phase separation and have phase separation, respectively. The results can be show 
in Figure 11 (Shen et al., 2011: 744) by feed ratio is 12. Figure 9 (b) and9 (c) is the 
case A and B, respectively. The phase separation equipment which is decanter is 
applied. The variable is split ratio which defines molar ratio methanol feed into first 
reactor to overall methanol feed. The experiment varies split ratio from 0.1 to 0.9. The 
case A and B are investigated that result both types have highest conversion at split 
ratio 0.6 and 0.9, respectively. Furthermore, highest conversion of double reactors 
with a decanter has higher than highest conversion of double reactors only.

Figure 11 Effect of split ratio on TG conversion (A) No phase separation: (B) With 
phase separation 

From the phase separation compare, Decanter is important factor because 
it can separate two liquid with different specific gravity as glycerol phase to FAME 
and unconverted oil phase. More than split ratio 0.6 of double reactors with decanter, 
conversion of TG is dropping because methanol which is reacted with unconverted oil 
insufficient in the second reactor. Hence the reaction is reversible from FAME to 
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unconverted oil. While double reactors has higher conversion with higher split ratio 
because methanol which is unreacted with unconverted oil feed into second reactor, 
unlike double reactors with decanter, unreacted methanol throughout with glycerol 
stream.

For the more complicated system, Figure 9 (d), single reactor with 
decanter and partial glycerol recycle stream is investigated. The recycle stream 
defines recycle ratio which is proportion of glycerol stream feed into the reactor and 
glycerol stream feed throughout of the reactor section. Figure 12 (Shen et al., 2011: 
744) is shown recycle ratio variables that effect on feed ratio. To reach 99%
conversion of TG, higher recycle ratio is bring effect of lower feed ratio. Hence lower 
methanol has good effect to separation section. Because of the glycerol stream which 
is recycled has mainly content of unreacted methanol. The methanol has higher 
solubility in glycerol than FAME and unconverted oil. Unreacted methanol in the 
glycerol recycle stream can help TG, DG and MG converted to FAME. Although 
glycerol content has effect on the consecutives transesterification reaction, glycerol 
will be effect only third consecutive reaction which glycerol is re-converted to MG. 

Figure 12 Effect of recycle ratio on feed ratio at 10:1

Figure 13 Effect of recycle ratio on reactor volume (Blue line is conversion of TG: 
Green line is volume reactor)
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However, the higher recycle ratio is the cause of higher reactor volume that can bring 
the capital cost higher. Figure 13, results of high recycle ratio corresponding reactor 
volume (Shen et al., 2011: 744).

The last, comparison of single reactor with a decanter recycled and double 
reactors with two decanters recycled show on Figure 14 (Shen et al., 2011: 744). For
all of points and lines in Figure 14 reach 99% conversion. Although, double reactors 
with two decanters recycled has lower feed ratio and recycle ratio than single reactor 
with a decanter recycled, but double reactor with two decanters has more equipment 
than single reactors with a decanter. Because the objective functions is lowest feed 
ratio, double reactors with two decanters which good configuration is chosen as 
reactor system on biodiesel production. In the realistic, this study might show capital 
cost in the design reactor system comparison. 

Figure 14 Effect of recycle ratio and feed ratio for TG 99 wt. % conversion

Table 8 Comparison of total annual cost 
Cost ($1000/year) Conventional Proposed Saving

Capital cost 308.41 329.830 7%
Operating cost 454.48 335.713 -26%
Catalyst cost 269.42 157.164 -42%
Total annual cost 1032.31 822.707 -20%

In addition, economic consideration, two step method with improved 
reactor process can more reduce total annual cost 20% and operating cost 26% less
than conventional alkali-catalyzed process. The reason is recycle ratio enhances the 
reactor efficiency, thus causing recycle steam can be reduce feed ratio of methanol.
The improve process cost show in Table 8 (Shen et al., 2011: 748).

Separation and Purification section
Myint and El-Halwagi (2009: 263-276) designed and optimized separation 

section in biodiesel production process. The aiming of study is analysis the best way 
of separation section in biodiesel production process, integration the process and 
brings the process into the economic decision follow:
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- Synthesis of a base case flowsheet
- Simulation of the base case flowsheet and selection of appropriate 

thermodynamic databases
- Identifying opportunities for process integration and cost minimization
- Development of a site-wide simulation of the process with various 

mass and energy integration projects
- Cost estimation and sensitivity analysis
Figure 15 shows the diagram of biodiesel production processes (Myint and 

El-Halwagi 2009: 265). Firstly, biodiesel production processes are created by the 
reaction pathway, production capacity and feedstock selection. Transesterification 
reaction is the most famous and suitable pathway to synthesis biodiesel. The 
production capacity is 151200 cubic meters per year which is based on estimation 
biodiesel production in United States. Soybean oil is widely used and high potential 
feedstock oil. 

Figure 15 Design process ideas
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Figure 16 Decision tree for alternative purification 

The first step, definitely transesterification reaction is deploying before. 
After that, decision of synthesis alternative separation section is created that follow in
Figure 16 (Myint and El-Halwagi 2009: 265). The synthesis separation flowsheet 
consist of four scenarios which are:

1. Methanol recovery separation first; water washing is used before the 
biodiesel and glycerol purification are used in each stream.

2. Methanol recovery separation first; water washing is used after remove 
glycerol purification and the last biodiesel purification. 

3. Biodiesel and glycerol separation first; water washing is used before 
methanol recovery; biodiesel and glycerol purification are used last.
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4. Biodiesel and glycerol separation first; water washing is used after 
methanol recovery; biodiesel and glycerol purification are used last

The sequencing of major steps of biodiesel production after reaction 
section is selected by consideration of chemicals in the system. The separation phase 
between glycerol and biodiesel, methanol recovery, separation of unconverted oil and 
treating catalyst should be consideration before. And then biodiesel and glycerol 
purification are applied on the last.

The second, each biodiesel production process is defined and synthesized
of base-case process. In the separation decision, sequencing of major steps of 
biodiesel production after reaction section is selected by consideration of chemicals in 
the system. The important separation section consist transesterification reaction, 
methanol recovery, separation between biodiesel and glycerol, biodiesel purification 
and glycerol purification. 

Figure 17 Separation section block flow diagram the first scenario

Figure 17 is the first scenario. After reaction section, outlet stream which 
content methanol, biodiesel, glycerol, unconverted oil and a little impurity such as 
NaOH, water and FFA are feed into the methanol distillation column. The first unit of 
separation section, methanol distillation column is recovery methanol to mixing with 
fresh methanol and then feed into transesterification reactor again. On the other hand, 
the lower stream in the column though in the decanter which add water and
hydrochloric (HCl). The reason of adding water is accelerate separation of biodiesel 
and glycerol phase and adding HCl together is washing catalyst without reactor unit. 
Because of NaOH is reacted with HCl to form Sodium Chloride (NaCl) and water. 
Water which forming from reaction is assists separation glycerol and water phase 
again. Otherwise NaCl can be electrolyte to Na+ and Cl- and throughout with no affect 
specification of glycerol and biodiesel. Because of adding HCl then NaOH and HCl 
are reacted together automatically, this study has not neutralization unit to treat
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catalyst unlike other studies (Zhang et al., 2003a: 1-16; Marchetti et al., 2007: 740-
748). Impurities such as methanol and water in the glycerol stream are separated and 
evaporate in the top column by glycerol distillation. On the other hand, upper phase 
which mainly content biodiesel and unconverted oil are separated by decanter. 
Biodiesel is purified by distillation column with impurities are separate on the top 
stream.

Figure 18 show block flow diagram of the second scenario. The second
scenario, first unit is same first scenario but second step in the section is decanted 
without adding other component. There is used decanter to separate glycerol from the 
other firstly. It has effect on high purity glycerol hence it does not require glycerol 
purification. After separate from first decanter, the upper stream mainly content 
biodiesel and unconverted oil are feed into the second decanter with adding HCl. 
Inside decanter, reaction of HCl with NaOH and decanted unconverted oil occur at the 
same time. After that, biodiesel and impurities are decanted with adding water content 
in the third decanter. The reason of adding water that water accelerates removing of 
methanol and water from second decanter. Finally the last, biodiesel stream is purified 
with another component to make sure on the specification from distillation column.

Figure 18 Separation section block flow diagram the second scenario

The third scenario is shown in Figure 19. The starting of separation unit is 
different from two flowsheet before. The reason to use decanter first is separate 
glycerol between biodiesel and unconverted oil phase. Then, the lower glycerol phase 
evaporate methanol to recycle in the top of glycerol distillation column. Glycerol 
stream in the bottom column is on the specification. The otherwise steam, biodiesel, 
unconverted oil and some methanol feed into second decanter with adding HCl. After 
separate unconverted oil, biodiesel, methanol and water from HCl reaction feed into 
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third decanter. The third decanter adding water for washing impurities i.e. water, 
methanol and NaCl. In the last, biodiesel is reaching specification with distillation 
column. Impurities are evaporated on the top column.

Figure 19 Separation section block flow diagram the third scenario

Figure 20 Separation section block flow diagram the forth scenario

The fourth scenario is shown in Figure 20. The separation section is like 
third scenario. The first unit is decanter which separation of glycerol phase from 
biodiesel and unconverted oil phase. The separation of glycerol stream is the same 
third scenario, evaporate methanol on the glycerol distillation column and specific 
grade of glycerol on the bottom. The biodiesel, unconverted oil and some methanol 
feed into the methanol distillation column. The fourth scenario is different from here 
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and later. After methanol is separated on the top column, important component, 
biodiesel and NaOH are feed into third decanter with adding HCl. Impurities 
eliminate and throughout of lower stream and then upper stream feed into the fourth 
decanter adding water for washing impurities i.e. water, methanol and NaCl. The
specification of biodiesel is upper phase and reaching specification.

In the first and second flowsheet, the removal of methanol in the first step 
has preferred because methanol content are effect in solubility between biodiesel and 
glycerol in miscible phase and bring the problem on slow down separation unit like 
decanter or centrifuge (Myint and El-Halwagi, 2009: 263-276). However, in the 
presence of catalyst, removing the excess methanol will shift the equilibrium reverse 
to feedstock (Gerpen et al., 2005: 1097-1107) For in this point, removal methanol has 
not preferred in the first unit separation. Hence the first and the second flowsheet are 
rejected. For the consideration third and fourth flowsheet, in the fourth scenario 
methanol removal before water washing is many advantages compare third scenario 
because methanol distillation column less energy require cause of no water adding.
Moreover recycle methanol stream has water content, this effect bring the problem 
saponification reaction (soap form) when higher limited of water content 
recommended. Therefore, fourth scenario is chosen.

After technical performance compare in each process, mass and energy 
integration are studies to reduce utilities and improve profitability in the process, also 
this work is study environmental impact. Icarus process evaluator which is one of 
simulation program in Aspen Engineering Suite is linked result of Aspen Plus and 
estimate key factors. Profitability analysis is carried out with return of investment and 
the payback period. Both profitability analyses are attractive because selling prices of 
biodiesel. The last, sensitivity analysis is determined the effect of soybean oil prices 
on the process is most important factor.

Economic reviews
While process simulation complete, follow next procedure, it can be 

estimate and review plant cost estimation and profitability index for financial 
consideration. The study is carry out the answers such as construction plant cost, 
operating plant cost and return rate timing for these description previously studies 
below.

Conventional alkali-catalyzed process and two-step method process
Zhang et al. (2003a: 1-16, 2003b: 229-240) studies technic and economic 

of conventional alkali-catalyzed and pre-treatment alkali-catalyzed processes on a
commercial scale (8000 tones/yr.). After study of technical assessment was carried 
out to evaluate their technical benefits and limitations on each process (Zhang et al.,
2003a: 1-16), economic evaluation are compete and investigated (Zhang et al., 2003b:
229-240).  This study is comparison between each process therefore cost of transport, 
piping and storage are ignored include secondary equipment such as spare pump and 
compressor. All costs are shown in US dollar. Equipment costs are updated from 
available middle year 1996 to 2000 by Chemical Engineering Plant Index of and 
Chemical Engineering. The sizing equipments on each process are determined before 
economic evaluation step. This study of instrument evaluate has accuracy range from 
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-20% to +30%. Thus, results from such a preliminary evaluation may not accurately 
reflect the final profitability of a chemical plant but can be used as a tool for 
comparison of several process alternatives.

The present economic study consist of three categories: (1) Fixed capital 
cost: (2) Total manufacturing cost: (3) Profitability refer to after tax rate of return and 
break-even price of biodiesel. Fixed capital cost is cost of construction a new plant i.e. 
equipment cost to construct a new plant, contingencies and fees which is unforeseen 
and unpredicted circumstance and contractor fee, costs associated with auxiliary 
facilities which define land purchase, installation of electrical and water system, 
construct internal road and everything which is support working in a plant. Total 
manufacturing cost is operating cost which is spending per day. 

Total manufacturing cost is usually divided three groups: (1) direct 
manufacturing cost which is cost of raw material, catalyst, solvent uses, operating 
labor fee, supervisory and clerical labor fee, waste treatment, maintenance and repair, 
operating supply, laboratory charge, patents and royalty: (2) indirect manufacturing 
cost which is overhead, packaging, storage, local taxes, insurance and depreciation:
(3) general expenses include administrative cost, distribution and selling cost, 
research and development charge.

Table 9 Summary of economic criteria 
Categories Conventional 

process
Two-step

method process
Fixed capital cost
Pretreatment unit 0 0.76
Transesterification unit 0.33 0.31
Separation unit 0.48 0.57
Total equipment cost 0.81 1.64
Total manufacturing cost
Direct manufacturing 5.14 4.75
Indirect manufacturing 0.46 0.83
General expenses 1.14 1.26
Depreciation 0.12 0.23
Subtotal 6.86 7.08
Profitability
Net annual profit after taxes (USD) -2.06 -2.28
After-tax rate of return (%) -85.27 -51.18
Break-even price of biodiesel (USD/tonne) 857 884
Unit = million USD/year

After tax rate of return which is general economic performance criterion 
for the preliminary a chemical plant. This criterion defined percentage of net annual 
profit after taxes to total capital investment. Then, net annual profit after taxes is 
defined income after taxes depend on taxes in the countries. Break-even price is 
defined as the price for revenue from biodiesel product. This revenue cost is comprise 
summary of fixed capital cost and total manufacturing cost which price of selling 
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product equal overall paid cost. The summary cost of categories and economic criteria 
are shown in Table 9 (Zhang et al., 2003b: 233, 235, 236).

The analysis of Table 9 showed that the conventional alkali-catalyzed 
process has the lower equipment units and equipment cost than two-step method 
process two times because pretreatment require esterification reactor and some units 
of separation. From this reason, two-step method process also has more chemical to
the operating supplies such as acid catalyst, waste removal and methanol adding,
labor cost, operating charge and patent and royalties than again. However, two-step 
method process has lower direct manufacturing cost because waste cooking oil is a 
lower raw material cost and also mainly cost of direct manufacturing cost 
approximately 75%. Moreover two-step method process is feasible for raw materials. 

In the economic criteria consideration shows both processes in Figure 21
(Zhang et al., 2003b: 236). Although net annual profit after taxes of two-step method 
process is higher, but after-taxes rate of return is lower than conventional alkali-
catalyzed process. Because when net annual profit after taxes is divided total capital 
investment it is more profitable. In contrast, break-even price of biodiesel in the 
conventional alkali-catalyzed process is less than two-step method process because of 
lower investment bring lower selling price. Therefore, two-step method process is 
more preferred.

Figure 21 Comparison charts of economic criteria 

Conventional alkali-catalyzed process has profit of glycerol credit more 
than two-step method process that value 0.73 and 0.68 respectively. The glycerol 
credit assists reduce the total manufacturing cost by 10% for plant.

Two-step method process and supercritical methanol process
Lee et al. (2011: 2626-2642) also studies process simulation and economic 

analysis biodiesel production. Three processes which are conventional alkali-
catalyzed process, pre-treatment alkali-catalyzed process and new biodiesel 
production process, supercritical process are compared. Before economic evaluation, 
energy consumptions of three processes are compared. Supercritical methanol process 
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has high energy consumption therefore it would be compare, unlike in the previous 
study is not appeared (Zhang et al., 2003a and 2003b). Energy consumption each 
process is shown in Table 10 (Lee et al., 2011: 511).

Table 10 Energy consumption (kW) of three processes 
Conventional Two-step method Supercritical 

Pumps 1.043 1.688 87.73
Heaters 83.45 34.05 1429
Distillation column (Reboiler)
Methanol Recovery 664 2279/873.8 792.7
Biodiesel 2069 2033 1618
Glycerol 31.92 36.78 -
Total Energy 2349 5258 3927

The conventional alkali-catalyzed process has lowest energy consumption 
among three processes because lowest equipment units. Because of The two-step 
method process has higher energy consumption because pretreatment section requires 
more energy especially methanol distillation column. Supercritical methanol process 
requires large energy due to the consumption in parts of pumping and heating before 
reactor section. For the energy consumption, the supercritical methanol process still 
has lower energy requirement than two-step method process. The high energy 
consumption brings high cost of operating in the total manufacturing cost. 

In the economic assessment previous study (Zhang et al., 2003b: 229-240;
Kasteren and Nisworo 2007: 442-458) are based on the overall factor method of Lang 
or bare-module concept introduced by Guthrie. These studies provide an approximate 
cost data and have relatively poor accuracies of estimation. 

Table 11 is shown estimation of total capital investment of biodiesel 
production of three processes (Lee et al., 2011: 2636). Supercritical methanol process 
has highest purchase equipment cost (1.72 million USD) from reactor, pumps and 
heat exchangers before feed into reactor because high operating temperature and 
pressure design have high equipment costs. Two-step method process has high 
purchase equipment cost (1.39 million USD) because it is required pre-treatment unit 
in the first section. Two-step method process cost is nearly two times of conventional 
alkali-catalyzed process. Because conventional alkali-catalyzed process is more 
simple process than other therefore it is lowest purchase equipment cost and included 
total capital investment. While consideration of other installation setting or called 
fixed capital cost or total capital investment, two-step method process has higher cost 
than supercritical methanol process slightly because two-step method has many 
equipment units therefore cost of installation of electrical, water system, civil, steel, 
instrument, insulation and paint are higher than supercritical methanol process. Except 
piping of supercritical methanol process higher because of it must be design for high 
pressure.

In the total manufacturing cost compare between three processes, 
Table 12 show three categories consist of direct manufacturing cost, indirect 
manufacturing cost and general and administrative costs (Lee et al., 2011: 2637).
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Total production cost is summary of three categories before subtract glycerol credit. 
For this point, conventional alkali-catalyzed process has highest cost (50.9 million 
USD) because of oil feed as virgin oil has high feedstock cost.

Table 11 Total Capital investment for three biodiesel production process

Unit = million USD/year

Supercritical methanol process has lowest total production cost although it 
has highest value of energy consumption consideration. Cause of two-step method 
process has higher total production cost is catalyst uses, glycerol washing and waste 
treatment require. The mainly cost of spending in total production cost is oil feed 
which conventional alkali-catalyzed process, two-step method process and 
supercritical methanol process are 84.0%, 63.9% and 75.4% of total production cost, 
respectively. When compare with feedstock, waste cooking oil has lower cost than 
virgin oil approximately 42%. Total manufacturing cost is total spending of cost 
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which is total production cost subtract by glycerol credit. The glycerol credits in three 
process assists reduce operating cost similar Zhang’s study (2003b: 229-240). The 
percent of glycerol credit are around 10-13% of total production cost. 

Table 12 Total manufacturing cost, glycerol credit and revenue for three biodiesel 
production process

Unit = million USD/year

Table 13 Profitability index and the break-even price of biodiesel 
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Table 13 is show profitability analysis and the break-even price of 
biodiesel (Lee et al., 2011: 2640). Break-even price of biodiesel is defined similar 
previous study (Zhang et al., 2003b: 229-240). The supercritical methanol process has 
lowest the break-even price of biodiesel. When the net present value (NPV) is positive 
value, it means the project accepted. The conventional alkali-catalyzed process is only 
rejected. Supercritical methanol process show highest NPV than the conventional 
alkali-catalyzed process due to the lowest total manufacturing costs. For conventional 
alkali-catalyzed process, the margin from biodiesel and glycerol sales is not high 
enough to calculate the discounted payback period (DPP) and discounted cash flow 
rate of return (DCFROR). The DCFROR are 22.5% and 49.6% for two-step method 
process and supercritical methanol process, respectively. These competition values 
also compare with minimum acceptable rate of return (MARR) which is set at 20%
and the NPVs are greater than zero. Two-step method process and supercritical 
methanol process are profitable and economical. Especially, the supercritical 
methanol process is greatest value for profitability analysis and most prefer project, 
followed by two-step method process, conventional alkali-catalyzed process is 
unacceptable project.

Sensitivity of NPV of three processes also competition and showed that 
the most important is biodiesel price, later oil feed rate, glycerol prices and interest 
rate.

Subcritical methanol with propane as co-solvent process

Figure 22 Block flow diagram of subcritical with propane as co-solvent process

Kasteren and Nisworo (2007: 442-458) studies process simulation model 
and economic evaluation of supercritical methanol process by adding co-solvent as 
propane. Propane is chosen as co-solvent because it is proven to reduce operating 
parameters of supercritical methanol process by Cao et al. (2005: 347-351) Block 
flow diagram has shown main equipments in Figure 22.
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This study has three production capacities (125000, 80000, 8000 tones
biodiesel/yr). The other variables are plant location (Netherlands and United States), 
kind of alcohols (methanol, ethanol). Netherlands uses Dutch Association of Cost 
Engineers (DACE) which is estimate based cost. And United States is uses Chemical 
Engineering’s Plant Cost Index (CEOCI).

In the economic evaluation, all of supercritical biodiesel production has 
return of investment less than previous study of biodiesel production (Zhang et al.,
2003b: 229-240). There is also minimum selling price lower than each biodiesel 
production process in the Zhang studies. Figure 23 show chart of selling price of 
biodiesel production same capacity (Kasteren and Nisworo 2007: 452). Therefore it is 
promising of supercritical method both methanol and ethanol more economical.

Figure 23 Required of selling prices of small biodiesel production

For all capacities biodiesel price in the Netherlands is more expensive than 
the United States because waste cooking oil as raw material in Europe has high cost 
than the United States (37 US cents/l and 20 US cents/l). A large scale plant has more 
advantage selling price of biodiesel lower than small. For compare methanol and 
ethanol as reactant, methanol has lower production cost than ethanol which from 
fermentation. In the large scale commercial production, sensitive key factors which 
are influence production cost are waste cooking oil (71-80%), glycerol price (22-34%)
and capital cost (15-17%). Therefore it’s an interesting technical and economical 
alternative.
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Chapter 3

Research methodology

Process synthesis

Product and process design involves several steps to proceed and several 
questions to answer as shown in Figure 24 (Seider et al., 2003: 6-7). The beginning 
might starts with an insight of potential opportunity in which a primitive problem is 
created and assessed. Need identification, idea generation, customer interview, 
literature survey, marketing and business studies, and one or more things are doing in 
this step. After that we might need to answer if the structures of the required 
chemicals are known or unknown. If the structure is unknown then we might need to 
find chemicals or chemical mixtures that can provide desired properties and 
performance. Furthermore, if a process to produce the required chemicals is required 
then a new problem on process creation is introduced. A process flowsheet for the 
production will be created in this step. However, the creation will be carrying out only 
if the gross profit of the product is favorable.

In process creation, interacting steps including development of base case 
and plantwide controllability assessment might be considered alternately and if the 
created process is promising then we might work further on detailed design, 
equipment sizing, and optimization. Lastly, if the process is feasible then reports and 
presentation will be prepared for implementation of plant design, construction, start-
up, and operation.

Simulation to assist in process creation
The simulation analysis is a tool for chemical engineers used to interpret

process flowsheet and predict the performance of processes by the mathematical 
model. Simulation is helpful in the research and development, laboratory experiments 
and test of process on pilot plant. Simulation can also be used in the process creation 
step, development of base case, detailed process synthesis algorithmic methods,
detailed design, equipment sizing, and optimization. The present simulator comes 
with huge databases and algorithms that can perform calculation such as heat of 
reaction, bubble point, dew point temperature and other operating conditions 
including material and energy balances.  In this research, Aspen Plus, a well-known 
steady-state modular simulator, is chosen to perform the process simulation of the 
biodiesel productions.

Aspen Plus 
Aspen Plus program is one of the components in the Aspen Engineering 

Suite. It is an integrated set of products designed specifically to promote best 
engineering practices and to optimize and automate engineering workflow process.



36 
 

 

Figure 24 Steps in product and process design
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It automatically integrates process models with engineering knowledge 
databases, investment analyses, production optimization and numerous other business 
processes. Aspen Plus contains data, properties, unit operation models, built-in defaults, 
reports and other features. 

Aspen Plus is process engineering tool for the design and steady-state 
simulation and optimization of process plants which easily to use, powerful, flexibility.
Process simulation with Aspen Plus can predict the behavior of a process using basic 
engineering relationships such as mass and energy balances, phase and chemical 
equilibrium, and reaction kinetic. Given reliable thermodynamic data, realistic operating 
conditions and the rigorous Aspen Plus equipment models, actual plant behavior can be 
simulated. Aspen Plus can help to design better plants and to increase profitability in 
existing plants. Aspen plus allow users to leverage and combine the power of sequential 
modular and Equation-oriented techniques in a single product, potentially reducing 
computation times by an order of magnitude while at the same increasing the 
functionality and suitability of the process model.

Fortunately, almost chemical processes involve conventional process 
equipment, heat exchangers, pumps, distillation columns, absorbers and so on. Physical
properties, thermodynamic properties and chemical kinetics have not effect on the 
equipment equations.

Process Economic Analyzer (Icarus Process Evaluator)
Aspen Process Economic Analyzer, namely Icarus Process Evaluator (IPE),

which is also of the components in the Aspen Engineering Suite, is designed to 
automatically prepare to detailed designs, estimates, investment analysis and schedules 
from minimum scope definition. Process Economic Analyzer can import process 
simulator result in Aspen Plus or other simulator program. The process simulation results 
are sized on equipment lists. It lets evaluate the financial viability of process design 
concepts in minutes, result can get early, detailed answers to the important questions such 
as cost estimation, payback period, main cost of problem and etc. Step of economic 
evaluation shown as Figure 25.

Figure 25 Steps in Process Economic Analyzer
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1. Mapping data step is translating equipment unit to relate each process 
simulator model from several types of process equipment. Expert equipment selection 
makes the mapping easy, allowing mapping one item at a time or all at once.

2. Sizing of equipment is a prerequisite to costing and the result of sizing
calculations performed during process simulation loaded automatically by Process 
Economic Analyzer that can revise sizes, input values for un-sized equipment or develop 
sizes using Process Economic Analyzer’s built-in expert sizing programs.

3. Evaluation of project is output result by Process Economic Analyzer that
checks and prepares all of the necessary specifications for detailed design, estimation,
scheduling, and economic data. Process Economic Analyzer contains built-in, up-to-date 
knowledge bases of design cost and scheduling data, methods and models. Critical path 
programming for development of design, procure and construct schedules. Process
Economic Analyzer comes with time-proven, field-tested, industry-standard design and 
cost modeling and scheduling methods used by project evaluators for projects worldwide.
Process Economic Analyzer develops operating costs in tune to process design. Process 
Economic Analyzer can override values and with each revision and can review the 
impact choice on investment analysis measures of profitability. Project evaluation has 
two categories which are capital investment and development of operating costs. In 
additional, the result also reviews procedure construction schedules.

4. Review investment analysis can check after evaluation project and have 
basic measures such as return on investment, payout time and discounted cash flow rate 
of return, spreadsheet programs can be linked to Process Economic Analyzer investment 
analysis data. Engineering, procurement and construction methods and procedures are 
shown. The capacity can make adjustment and analyzer will automatically re-size all 
project components and stream flows. The plant location can be changed and relocation 
technology analysis plant will automatically revise the design and cost basis parameters.
Detailed economics analyzer module lets perform interactive economic scenarios. It 
performs economic analyses over the time line of a project from the strategic planning 
phase through engineering, procurement and construction of the process facility, into 
start-up and throughout the production life of the process facility. Economic Analyzer
study the impact of cyclic changes in market conditions and identify economic threats 
and opportunities upon changing costs of feedstocks, products and/or utilities for each 
period in the life of a project.

Design of reactor and separation systems

Design of reactor system
Design of the reactor system involves reactor configurations in the 

transesterification section of alkali-catalyzed biodiesel production process. Several 
configurations including single reactor, double reactors with/without phase separators, 
triple reactors with/without phase separators of the reactors, will be considered. The 
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design criteria considered are oil conversion and the unconverted oil (TG, DG, MG) 
content. Beside the reactor configuration, design parameters considered are,  

1. Recycle of methanol has influenced on the transesterification reactions as 
shown in Figure 3 that excess methanol can push forward all reactions. In the 
conventional process, after reactor section, excess methanol are evaporated and recycled 
again. This route has disadvantage because it uses energy for evaporation. Hence, the 
idea of directly recycle methanol is interesting but it brings the next question is which the 
method is better than uses energy separation.  

On the separation process, basic of separation is divided three categories: (1) 
Phase separation, (2) Energy separation agents (ESAs) and, (3) Mass separation agents 
(MSAs). First category is easily separation method because it uses natural and 
mechanical method such as gravity, centrifugal and diffusion without consideration of 
energy and mass in the method. Next method, the using energy separate components for 
phase change. Additional of energy is caused of increase of manufacturing cost. This 
method is preferred secondly. The last method, MSAs uses third component for 
separation in the previous methods can’t use such as liquid-liquid extraction. 

The method of recycle methanol that is better than energy separation is phase 
separation. After reaction section, FAME and glycerol are produced as product and by-
product and both components can’t soluble together. Methanol mainly content in glycerol 
phase hence this study focuses on the methanol in glycerol phase and then recycle of 
methanol is meaning of recycle glycerol. Recycle methanol in the FAME phase is not 
recommended because if FAME is recycled with methanol, the third reaction in the 
Figure 3 is reversed to MG.

2. Reaction time or residence time is an important parameter for reactor 
design. This parameter affects to the time that reactants react that can be altered by 
varying reactor size. 

3. Methanol split fraction is influenced in equilibrium of transesterification 
reactions. Split fraction of methanol content assists driving forward reactions to produce 
FAME and glycerol with decreasing reaction time. Therefore it can also reduce reactor 
volume.

Reactor design model 
For steady state calculation, Aspen Plus simulator performs predictable 

program. For reactor design section, Aspen Plus includes three classes of reactor models 
which include various levels of rigor and predictive capability. These reactor models 
classify are: (1) mass balance models; (2) equilibrium models; and (3) rigorous kinetic 
models. For classification models, they are four categories input information which are 
reaction stoichiometry, extent of reaction, equilibrium and kinetic reaction rate.

1. Mass balance models are the least predictive models, Stoichiometric 
reactor (RStoic) and Yield reactor (RYield), calculate output flow rates based on specific
input flow rates. If polymer components are involved in the reactions, then the 
component attributes associated with the polymer components must be specified for the 
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product stream. These models calculate the mass and energy balances, but it doesn’t
perform rigorous kinetic calculations.

2. Equilibrium models such as Equilibrium reactor (REquil) and Equilibrium 
reactor with Gibbs energy minimization (RGibbs) models assume chemical and phase 
equilibrium. When polymer components are involved in the reactions, then the specified 
stoichiometry must be consistent with the reference molecular weight of the polymer 
component. In addition, the component attribute values for the polymer product must be 
specified by the user. Since the solution algorithms for these models do not consider the 
influence of the segmental composition of polymer components, it cannot be applied to 
copolymers.

3. Rigorous kinetic models include continuous stirred tank reactor (RCSTR), 
plug-flow reactor model (RPlug), and batch stirred tank reactor (RBatch). Each of these 
models can consider one, two or three reacting phases. These reactor models are with the 
reaction kinetic models to predict product stream composition and flow rates based on 
calculated reaction rates.

3.1 RCSTR uses when:
3.1.1 Assume perfect mixing inside the reactor that outlet stream has

same properties and composition
3.1.2 Handle kinetic and equilibrium reactions involve solids
3.1.3 Can provide the reaction kinetics through the built-in reaction

models or through a user-defined Fortran subroutine
3.2 RPlug uses when:

3.2.1 Assume perfect mixing occurs in the radial direction and that no 
mixing occurs in the axial direction

3.2.2 Can use coolant streams
3.2.3 Handles kinetic reactions involve solids
3.2.4 Reaction kinetics are known
3.2.5 Can provide the reaction kinetics through the built-in Reactions 

models or through a user-defined Fortran subroutine
More complicate information input is more realistic result. More rigorous 

reactor is more require specific information input. Kinetic reaction rate is more 
complicate and available information that reveal compares other reactor information. 
Hence RCSTR and RPlug are used reactor models.

Synthesis of separation trains
Aspen Engineering Suite has also a great predictable and calculation the 

separation equipments units. Mainly used separation units are distillation column with 
different relative volatility each component. Distillation column in the Aspen Plus 
includes several shortcut distillation models (DISTL, SFRAC, etc.) which can be used to 
represent distillation columns. With the exception of the RadFrac model, the rigorous 
distillation models in Aspen Plus do not account for component attributes. 
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1. RadFrac is a rigorous model for simulating all types of multistage vapor-
liquid operations. This is many operating situations i.e. ordinary distillation, absorption, 
absorption reboiler, stripping, stripping reboiler, extractive and azeotropic distillation. 
RadFrac is suitable for two and three phase systems. Radfrac system exhibits strong 
liquid phase non-ideality. RadFrac also can detect and handle a free-water phase or other 
second liquid phase anywhere in the column include handle solids on every stage and
handle pump around leaving any stage and returning to the same stage or to a different 
stage. RadFrac can model columns in which chemical reactions are occurring. Reactions 
can have fixed conversions, or they can be operation of equilibrium, rate-controlled and 
electrolytic. In equilibrium mode, RadFrac can also model columns in which two liquid 
phases and chemical reactions occur simultaneously, using different reaction kinetics for 
the two liquid phases. In addition, RadFrac can model salt precipitation. In rate-based 
mode, RadFrac uses rate-based non-equilibrium calculations to model actual tray and
packed columns by based on the underlying mass and heat transfer processes and does 
not use empirical factors such as efficiencies and the Height Equivalent to a Theoretical 
Plate (HETP). RadFrac is sizing and rate columns consisting of trays and/or packings. 

2. Aspen Distillation Synthesis enables rapid conceptual design of distillation 
schemes for the separation of chemical mixtures with non-ideal vapor-liquid equilibrium.
Aspen Distillation Synthesis reveals the limits of feasible separations for individual 
columns and to design advanced distillation schemes for the separation of such mixtures.
Aspen Distillation Synthesis develops the best distillation designs, even for complex, 
highly non-ideal systems that are found in chemical and specialty chemical plants. The 
ability to visualize the physical constraints of the separation process helps  systematically 
generate better design alternatives more quickly, resulting in significant time and cost 
savings. Fully integrated Adds separation analysis tools and a conceptual distillation unit 
operation model to the Aspen Plus model library. Graphical analysis tools Includes 
ternary maps to help engineers visualize distillation boundaries, residue curves, and 
identify azeotropes. Design Advanced Distillation Schemes.

3. Separator
3.1 Extract is unit models that can perform rigorous three phase or two 

liquid phase calculations are indicated. Extract depend on nature of the two liquid phases. 
The Aspen Physical Property System uses the primary property method to calculate the 
K-values of all components in both liquid phases. The second liquid phase does not have 
to be aqueous. If the second liquid phase is aqueous, the solubility of organics in water is 
treated rigorously. To obtain correct three-phase results, you must use the appropriate 
binary parameters for the property model used in the property method.

3.2 Decanter is separate between two liquid phases by differential density. 
Gravitation is driver force to separation. In the separation of FAME and glycerol, 
temperature influence on solubility and viscosity between two phases. Low temperature 
is effect on slower separation time because it effect on viscosity that is high. 



42 
 

 

Separation factors
The separation method attempts highest purity component for recycle stream

and selling price. If recovery component is contaminated, it is caused of adding cost to 
purge, treatment, incineration and landfill. The first factor of separation method is phase 
of feed. If the feed is vapor, they have some separation method such as partial 
condensation, gas absorption, gas adsorption, and de-sublimation. If feed is liquid, 
example of method is flash or partial vaporization, distillation, stripping, liquid-liquid 
extraction and liquid adsorption. If feed is slurries examination of separation is wet cakes 
and dry solids. 

The second factor for separation methods is the Separation Factor (SF) that 
can be achieved by between two key components of the feed. The SF defined as:

The SF is limited by thermodynamic equilibrium, except for membrane 
separations. In the term of vapor and liquid equilibrium ratios (K value) by

Where x1, x2 are mole fraction liquid phase component 1 and 2
y1, y2 are mole fraction vapor phase component 1 and 2

Above equation, relative volatility is used with distillation column. If SF has 
more than 1.0, it can be separate. When a multicomponent mixture forms nearly ideal 
liquid and vapor solutions, K values relate vapor pressure their components. The MSAs 
methods are firstly avoided and ESAs method is avoided high temperature that cause of
chemical decomposition. The third selecting equipments are based on stage or mass 
transfer efficiency. Distillation-type separation methods are usually the methods of 
choice for liquid or partially vaporized feeds unless the reactive volatility between the 
two key components is more than 1. The fourth consideration is sequencing separation 
trains. Complexity of a multicomponent has effect of separation method. The optimal 
arrangement or sequencing of the equipments is influence for purity on each component. 
The sequencing separation has many numbers of possible processes. Table 14 shows 
number of different sequencing with separation units from 2-7 components. Number of 
different sequence is calculated from this below equation.

P = number of product
NS = number of different sequence
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Table 14 Number of Possible Sequences for Separation
Number of
Products, P

Number of Separators
in the Sequence

Number of Different
Sequences, NS

2 1 1
3 2 2
4 3 5
5 4 14
6 5 42

Then the only one attractive route is chosen. The last, equipment operating 
condition is optimized by defines operating conditions. 

Process flowsheeting
Process synthesis methods and tools are used to design entirely new processes 

by synthesizing a process flowsheet from scratch for grassroot design of a new plant. 
Waste cooking oil is low grade oil that have over-limit of FFA content. The pre-treatment 
section is required to treat FFA content via an esterification reaction by acid-catalyzed 
method with methanol. For alternative of two-step method, the aiming of designed
reactor section is investigated on the controlling biodiesel properties under-limit of 
unconverted oil by Shen et al. (2011: 741-750). Because unconverted oil as TG, DG and 
MG are mixed and end up with the FAME as final product. Hence high conversion assists 
lower limit and no need FAME distillation column. In this study, pre-treatment section is 
employed first and designed reactor section is used subsequently.

The third process, supercritical methanol method is compared technic and 
economic assessment but it requires high energy consumption due to high temperature,
high pressure and high molar ratio of methanol to oil. Hence, supercritical methanol 
process is developed by adding co-solvent (Cao and Dube 2005: 347-351) for reducing
temperature and pressure. Propane is adding co-solvent on soluble in mixtures and 
reduces power consumption by decrease operating parameters drastically. Both processes 
are interesting for competition. Hence two types of processes are interesting for study.

Kinetic reaction rates
Kinetic reaction rates of transesterification are specified by waste cooking of 

palm oil and methanol. Kinetic reaction rates are given by conducting laboratory 
experiments. Normally, the reaction rate coefficient is a function of temperature as by the
empirical Arrhenius equation.

Where is the pre-exponential factor and is the activation energy
Reactions of biodiesel production are shown in topics below.
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1. Esterification and Transesterification reactions
In the Figure 6, kinetic reaction rates are proposed by Jansri et al. (2011: 

1543-1548) that can show on the Table 15. The reversible esterification reactions have 
H2SO4 as catalyst. At temperature 60 ºC, forward reaction is faster than reversible 
reaction therefore these reactions has rapidly time to eliminate FFA less than 0.5 wt. %
(Freedman et al., 1984: 1639).

Another kinetic reaction rates, transesterification reactions are reversible 
reactions and reaction rates are investigated by Jansri et al. (2011: 1547) that shown in 
the Figure 3 and Table 16.

Table 15 Kinetic rate constants and activation energies for esterification
Reaction Nomenclature Rate constant (L/mol·min) Activation energy (cal/mol)

FFA WT k1 1.340 17997
WT FFA k2 0.682 129

Table 16 Kinetic rate constants and activation energies for consecutive transesterification 
Reactions

Reaction Nomenclature Rate constant (L/mol·min) Activation energy (cal/mol)
TG DG k3 2.600 348
DG TG k4 0.248 78560
DG MG k5 1.186 15538
MG DG k6 0.227 30372
MG G k7 2.303 21356
G MG k8 0.022 6321

The kinetic reaction rates and activity coefficient of esterification and 
transesterification reactions are secondary order.

2. Supercritical and subcritical with co-solvent conditions

Table 17 Kinetic rate constants and activation energies of supercritical and subcritical 
methanol reaction

Reaction Rate constant (1/sec) Activation energy (kJ/mol)
Supercritical methanol
TG G 171.4 55.9422
Subcritical methanol
TG G 0.007 38.482

In the Figure 6, kinetic reaction rates are proposed by Jansri et al. (2011: 
1543-1548) that can show on the Table 15. The reversible esterification reactions have 
H2SO4 as catalyst. At temperature 60 ºC, forward reaction is faster than reversible 
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reaction therefore these reactions has rapidly time to eliminate FFA less than 0.5 wt. %
(Freedman et al., 1984: 1639).

Another kinetic reaction rates, transesterification reactions are reversible 
reactions and reaction rates are investigated by Jansri et al. (2011: 1547) that shown in 
the Figure 3 and Table 16.

Feed and product specifications
The mainly cooking oil in Thailand is palm oil which gives highest potential.

Increasing of FFA depends on temperature, heating value and water composition after 
cooking process (Enweremadu and Mbarawa, 2009: 2207). Many research report FFA
content of waste palm oil varies around range 2-7% wt. /wt. oil (Cao and Dube, 2008: 
1029; Enweremadu and Mbarawa 2009: 2208; Van Gerpen 2005: 1104). The assumption 
of FFA content in feedstock is 5.2% wt. middle range of feedstock oil. This study is 
assumed composition is determined by Che Man et al. (1999: 238). The composition is 
shown in Table 18.

Table 18 Glyceride Composition of Palm oil 
Glyceride Glyceride composition (wt. %)
Di-glyceride 5.2
Tri-glyceride 94.8
Tri-unsaturated
OOO 4.4
OOL 0.58
Total 4.98
Mono-unsaturated
PLO 9.68
POO 23.26
OOS 2.24
Total 35.18
Di-unsaturated
MPL 2.20
PPL 9.23
PPO 29.62
POS 4.90
Total 45.43
Tri-saturated
MMM 0.42
MMP 1.70
PPP 5.51
PPS 1.06
Total 8.69
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Table 19 Nomenclature fatty acid of Table 18
Nomenclature Fatty acid 

O Oleic acid
P Palmitic acid
L Linoleic acid
M Myristic acid
S Stearic acid

Thermodynamic models
Thermodynamic model can help to predicted behavior about chemical and 

physical components in the process correctly. The behavior of some chemical has effect 
on system. Methanol, glycerol, various type of waste cooking oil and biodiesel are 
mixture after reaction section. The high polar components of methanol and glycerol
require model that have activity coefficient. For both two-step method processes, the 
suitable model is UNIFAC-DMD that is recommended by Santori et al. (2012: 123). This 
model overcome problem of the UNIFAC, UNIFAC-VLE and UNIFAC-LLE model.

Specification product and by-product
1. Biodiesel use in diesel engines, it must have pass properties and 

performance in the standard Common biodiesel standards include the ASTM D6751 or 
the EN 14214. In this study, the quality of biodiesel is control by Thai’s government 
standards which is combined of properties ASTM D6751 and EN 14214 that in Table 20. 

Table 20 Properties of Biodiesel 
Property Test Method Limits Unit
Methyl-Ester EN14103 96.5 min. % mass
Density at 15 ºC ASTM D1298 860-900 kg/m3

Viscosity at 40 ºC ASTM D445 3.5-5.0 cSt.
Flash point ASTM D93 120 ºC
Sulfur ASTM D2622 0.001 % mass
Carbon residue, on 10% 
distillation residue

ASTM D4530 0.3 % mass

Cetane number ASTM D874 51 min.
Sulfated ash ASTM D2709 0.02 max. % mass
Water ASTM D5452 0.05 max. % mass
Total contaminant EN14112 0.0024 max. % mass
Oxidation stability at 110 ºC ASTM D664 6 min. hour
Acid number EN14111 0.5 mg. KOH/ 100 g.
Iodine value EN14110 120 min. g. Iodine/ 100 g.
Linolenic methyl-ester EN14105 12.0 min. % mass
Methanol EN14105 0.20 min. % mass
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Table 20 Properties of Biodiesel (Continuous)
Property Test Method Limits Unit
Mono-glyceride EN14105 0.80 min. % mass
Di-glyceride EN14105 0.20 min. % mass
Tri-glyceride EN14105 0.20 min. % mass
Metal solid
Group 1: Na and K
Group 2: Ca and Mg

EN14108,
EN14109

PrEN14538

0.25 min. % mass

Additive ASTM D4951 5 min. Ppm

2. Glycerol is more than high purity which more than high prices. Cause of 
more purity glycerol is effect on difficultly separation task for keep control contaminant. 
Various grades of glycerol, Crude glycerol, Technical grade glycerol and USP grade 
glycerol are shown in Table 21.

Table 21 Various glycerol grades specification
Properties Crude Glycerin Technical Grade 

Glycerin
99.7 USP Grade 

Glycerin
Glycerol Content 40-88% 98.0% Min. 99.7
Ash 2.0% Max. N/A N/A
Moisture Content N/A 2.0% Max. 0.3% Max.
Chlorides N/A 10 ppm Max. 10 ppm Max.
Color N/A 40 Max. (Pt - Co) 10 Max. (APHA)
Specific Gravity at 
25 ºC

N/A 1.262 1.2612 Min.

Sulfate N/A N/A 20 ppm Max.
Assay N/A N/A 99.0-101.0% (on 

dry basis)
Heavy Metals N/A 5 ppm Max. 5 ppm Max.
Chlorinated 
Compounds

N/A 30 ppm Max. 30 ppm Max.

Residue on Ignition N/A N/A 100 ppm Max.
Fatty Acid & Ester N/A 1.000 Max. 1.000 Max.
Water 12.0% Max. 5.0% Max. 0.5% Max.
pH (10% Solution) 4.0 - 9.0 4.0 – 9.1 N/A
DEG and Related 
Compounds N/A N/A Pass
Organic Volatile 
Impurities

N/A N/A Pass

Organic Residue 2.0% Max. 2.0% Max. N/A
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The refined glycerol of study is technical grade that is generally grade sell 
in the market. Technical grade glycerin that is a refined, high-purity product that is water 
white with most of its contaminants completely removed. Technical grade glycerin 
contains no methanol, soaps, salts, and other foreign matter. Hence, the glycerol target 
purity is 98 wt. %. 

Economic assessment
Total capital investment consists three categories are: (1) Fixed capital cost is 

prepared for the manufacture of a product. These estimates are required for a variety of 
reasons such as feasibility studies, the selection of alternative processes or equipment, 
etc., to provide information for planning capital appropriations or to enable a contractor 
to bid on a project. Fixed capital cost are included cost of purchasing, delivery and 
installation of manufacturing equipment, piping, automatic controls, buildings, structures, 
insulation, painting, site preparation, environmental control equipment and engineering 
and construction costs. (2) Contingencies and fees is a provision for unforeseen events 
that experience has demonstrated are likely to occur. Contingencies are of two types: 
process and project contingencies. In the former, there are uncertainties in equipment and 
performance, integration of old and new process steps, scaling up to a large-scale plant 
size, engineering errors and omissions, cost and labor rate changes and construction 
problems and etc.. If company or engineering team has more experiences, prediction are 
high accuracy with less than error. (3) Cost of associated with auxiliary facilities consists 
purchase of land, installation electrical, water system, buildings and structures, 
construction of internal roads, yards, railroad siding include docks and fences, service 
facilities such as stream, power, electric power, fuel, and environmental control with 
waste disposal which separate difficult to estimate due to the variety and complexity of 
the process requirements.

Total manufacturing cost is cost for pay to operation every day. Theses also 
consists three categories are: (1) Direct manufacturing cost consists of raw material 
expense which can obtained from the process material balance included catalyst and 
solvent costs, utilities such as stream, electricity, cooling tower, fuel, compressed air and 
refrigeration, operating labor consists of labor rates and any potential labor rate increases 
and overtime charges, supervision depends on process complexity, payroll charges 
include compensate of worker, social security premiums, paid vacations and 
unemployment taxes, maintenance consists two components which one is materials for 
repair and labors, miscellaneous direct expenses include operating supplies, clothing and 
laundry, laboratory expenses, royalties, environmental control expense for treating waste 
and handles disposal operation. Paid cost for environment day by day. (2) Indirect 
manufacturing cost included overhead, packaging which is depends on how the product is
sold and may vary from small containers to fiber-pack to lever-pack, storage depend on 
location, local taxes, insurance and depreciation for estimate obsolescence of equipment. 
All of independent of the production rate in a plant.  (3) General and expense included 
administrative costs, distribution and selling costs and research and development charges 



49 
 

 

includes the maintaining sales offices, development facilities and administrative offices. 
General and expenses are computed and multiplied by various constant factors. These 
factors have wide range in percentage will vary depending on the amount of customer 
service required due to the nature of the product. 

The four processes are made decision financially attractive by increasing 
earnings. Every viable business has limitations on the capital available for investment 
therefore it will invest in the most economically attractive ventures. In the economic 
studies, different researches used different economic criteria to assess the biodiesel plant. 
In this study, the economic studies of biodiesel production, the main economic criteria 
were total capital investment, total manufacturing cost and profitability indexes which are 
payback period, internal rate of return, and profitability index. 

Methodology procedure
1. Study of problem and scope by 

1.1 Literatures
1.2 Reference books
1.3 Patents
1.4 Commercial plant processes

2. Find chemicals and properties if not available in simulator program
2.1 Find chemicals and properties if not available in simulator program
2.2 Find data and information in previous laboratory studies

3. Process creation by Aspen Plus v.7.3.2
3.1 Process equipment selection (Task integration)
3.2 Preliminary creation of reactor section in two-step method process
3.3 Preliminary creation of separation process
3.4 Study and synthesis separation trains
3.5 Define condition of main equipment in each process
3.6 Synthesis recycle stream in each process

4. Process flowsheeting of the four processes of biodiesel production using Aspen Plus 
v.7.3.2

4.1 Two-step method process
4.2 Two-step method with modification on the reaction section
4.3 Supercritical methanol process
4.4 Supercritical methanol with co-solvent process

5. Study technical assessment
5.1 Comparison of number of equipment units
5.2 Comparison of equipment sizing
5.3 Comparison of energy consumption 

6. Study economic assessment using Aspen Economic Analyzer v.7.3.2
6.1 Study of total capital investment
6.2 Study of total manufacturing cost
6.3 Economic criteria estimation
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Chapter 4

Results

Design of reactor system
Shen et al. (2011: 741-750) pointed out that the reactor system is important

because it can influence the separation section of biodiesel. Important design
parameters of the reactor include residence time and molar ratio of methanol to oil.
Furthermore, for a series of reactors, the methanol split ratio to each reactors and the 
internal recycle rate from the decanter are also very important. Although the design of 
reactor system of the transesterification section has been studied, this research will 
revisit it again. The reason is that the previous study considered only simple 
components of TG, DG and MG in the feedstock oil while in this research a variety of 
components will be included. Furthermore, this research intends to keep low molar 
ratio of methanol to oil aiming to reduce recovery energy of excess methanol. The 
kinetics used here and in the previous study are also different. 

The aim of reactor system design is to have high conversion to reduce the 
contamination of TG, DG, and MG in the biodiesel stream. This makes the FAME 
purification easier. The composition of biodiesel and unconverted oils will be used for 
the evaluation of the reactor system.

Single reactor
The single reactor is firstly considered here. The design parameter in the 

study is residence time. Conventional single reactor is shown in Figure 26. Aspen 
Plus with RCSTR model is employed for the design.

Figure 26 Conventional single reactor varies residence time 

Effect of residence time to oil composition and conversion are shown in 
Figure 27. Increase of residence time can reduce TG and DG content and provides
higher FAME percent weight. However, MG content is hardly changed. . Note that 
even though a very high residence time that provide 99% conversion TG, DG and MG 
contents are still higher than the requirement of biodiesel standard.
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Figure 27 Effect of residence time to unconverted oils

Figure 28 Reactor volume and residence time

Figure 28 shows the reactor volume corresponding with the residence 
time. Although increasing residence time can reduce the unconverted oil content and
increase FAME content, the reactor volume can be very large. To have high 
conversion (e.g. 99.99%), the required residence time is 5 hour that results in a large 
25,000 litres reactor volume. Hence increasing residence time will be the last choice 
chosen to improve biodiesel properties.
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Single reactor with one recycle phase separator

Figure 29 Single reactor with phase separation and recycle

The first improvement of the reactor system is to introduce a decanter into 
the reactor system. Decanter can be used for separation due to differential density 
between FAME and glycerol phases. One hour residence time is used. Rich FAME 
phase is sent further to other processing units while rich glycerol phase containing 
most of methanol content   can be recycled back to the reactor again. Note that only 
some portion of rich glycerol phase is recycled while the other is further sent to the 
purification section. The portion to be recycled is determined by recycle ratio. 
Methanol has positive effects to the transesterification reactions. Although glycerol 
content has negative effect to the reaction, the equilibrium constant for the third
reaction, in which glycerol is produced is very high. Hence, the recycled glycerol does
not significantly affect the overall reaction rate (Shen et al., 2011: 745)

Figure 30 Effect of recycle ratio to unconverted oils
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Figure 31 Effect of recycle ratio with reactor volume

The effect of recycle ratio can be shown in Figure 30. As expected, higher 
recycle ratio improves oil conversion and reduces TG and DG content but raises MG 
content. Although in the range of recycle ratio 0.75-0.95, all TG, DG and MG can be 
reduced, the reactor volume seems to dramatically increase as shown in Figure 31. 

Double reactor with splitter

Figure 32 Double reactors with splitter

The system considered here is the double reactors with a splitter of 
methanol stream as shown in Figure 32. Here, split ratio is defined as the flowrate 
ratio of the stream 203BA to stream 203B. The first portion of methanol in the stream 
203BA is fed into the first reactor. After one hour for residence time, the outlet from 
the first reactor and the remaining portion of methanol in the stream 203BB are fed 
into the second reactor. 
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Figure 33 Effect of split ratio to unconverted oil

Effect of split ratio to the system is shown in Figure 33. Increasing split 
ratio reduces TG and DG content and increases FAME content but hardly changes 
MG content. For the low split ratio, methanol content is not enough for the reaction in 
the first reactor while for the high split ratio, the methanol have longer time to react 
with oil in the first and second reactors. 

Figure 34 Effect of split ratio to reactor volume

Figure 34 shows effect of split ratio to reactor volumes. For fixed 
residence time, increasing split ratio requires larger volume of the first reactor but 
does not affect the volume of the other. 
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Double reactor with splitter and phase separator (no recycle)
The configuration considered here is improved from the configuration in 

the previous by introducing a decanter between the reactors as shown in Figure 35. 
The purpose of the decanter is to remove glycerol before further reaction in the 
second reactor. 

Figure 35 Double reactors with splitter and decanter and without recycle stream

Figure 36 Effect of split ratio to unconverted oil
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Effect of split ratio to unconverted oil and FAME contents, oil conversion 
are shown in Figure 36.  For split ratio lower 0.70, increasing split ratio can reduce 
TG and DG content.   However, when split ratio is higher than 0.70, the result is 
reverse. The reason is that the lack of methanol in the second reactor. The excess 
methanol from the first reactor leaves with glycerol phase. 

Figure 37 Effect of split ratio with both reactor volumes

Figure 37 shows changing of the first and second reactor volumes with 
split ratio. The first reactor volume is increasing with split ratio or methanol content. 
Unreacted methanol content from first reactor is separated by decanter. When the first 
reactor volume is bigger, the second reactor is smaller and vice versa.

Double reactors with splitters and two phase separators (recycle)

Figure 38 Double reactors with splitters and two decanters with recycles
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The configuration considered here concerns double reactors with a 
methanol splitter and two decanters with glycerol phase recycled as shown in Figure 
38. The design parameters here are methanol split ratio and recycle ratio.

In previous study, recycle ratio higher than 0.80 is not favorable because 
the reactor is quite large. To simplify the analysis, only 0.5 and 0.8 recycle ratios will 
be considered.

Figure 39 Double reactors with two splitters and two decanters (Recycle ratio 0.5)

Effects of split ratio for recycle ratio = 0.5 and 0.8 to unconverted oil are 
shown in Figures 39 and 40. Under the analysis, it is not possible to keep all 
unconverted oil to biodiesel standard. Note also that at high split ratio, the trend of 
DG content is reverse. 

Figure 40 Double reactors with two splitters and two decanters (Recycle ratio 0.8)

Double reactor with splitter and two phase separator (2 hours)
This case is the same as the previous one but the residence times of the 

reactors are increased to two hours.
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Figure 41 Double reactors with two splitters and two decanters (Recycle ratio 0.5)

Although reactor section is used two reactors, two splitters and two 
decantesr, MG cannot keep under biodiesel standard.

Triple reactor with splitter and three phase separators
The last attempt on the reactor system is to consider the triple reactors with 

three decanters and glycerol phase recycled. The recycle ratio is set to 0.5 and 
methanol flow is equal for each reactor. The result is shown in Table 22 that the outlet 
oil composition can achieve biodiesel standard.

Figure 42 Triple reactors with three splitters and decanters

Table 22 All compositions and mass fraction of biodiesel stream
Component Mass fraction Biodiesel Properties
TG 0.0000498 0.002
DG 0.0014211 0.002
MG 0.0041732 0.008
FAME 0.9943559 0.965
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Separation analysis
In general, separation section of biodiesel production comprises of 

methanol removal unit, phase separation unit between FAME and glycerol phases, 
catalyst treatment unit (for catalytic based method), FAME and glycerol purification. 

For the pretreatment section, esterification reactor is used to treatment 
FFA that lower limit and then extraction column is used with glycerol washing water 
to lower limit and through top stream into conventional alkali-catalyzed process and 
two-step with improved process later. 

Glycerol washing content

Figure 43 Water content into transesterification section after glycerol washing 

In the pretreatment section, extraction column uses glycerol purify for 
aiming to removal water content before the stream is going into transesterification 
reaction. Recommended water content should be under-limit at 0.005% wt.. Figure 43 
shows glycerol content that can washing water under-limit.

Above the Figure shows glycerol content more than 7 kg/h can wash water 
below under-limit but glycerol stream which is used recover from glycerol distillation 
column. This stream might be contaminated so this study is using 10 kg/h for safety.

Separation trains after reactor section
For the two-step method process, after conventional transesterification

reactor, the composition consideration prefers phase separation between glycerol and 
FAME with some equipment such as washing column, vertical or horizontal decanter 
and centrifugal unit. In this study, steady-state simulation is used decanter that can 
separate between two phase. If methanol removal equipment is used firstly, reaction 
might be reverse. It cause of FAME drop and unconverted oil higher content. Next 
equipment, methanol removal is used with methanol distillation column both upper 
and lower outlet stream of decanter. Boiling temperature is lower than other 
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component in mixtures therefore it evaporates easily. The last equipment unit in the 
upper stream is FAME purification by vacuum distillation column. After the methanol 
distillation, the lower stream is going through neutralization reactor. Neutralization 
reactor has water as by-product hence it should be after methanol because water might 
be contaminated with evaporated methanol. Evaporated methanol is recycled and feed 
into reactor again. When water content over than limit, it may be cause of forming 
soap. Solid catalyst waste is separated by filtration unit after neutralization unit. The 
last, water and methanol that should be content is evaporated by glycerol distillation 
column.

For the two-step method with improved process has similar equipments 
units with two-step method except FAME purification because the outlet stream from 
reactor system designs has composition sufficiently for biodiesel specification. 

Supercritical methanol process and subcritical methanol with co-solvent 
has excess methanol in the process. Two processes can’t use decanter before methanol 
removal because the excess methanol tends to act as a solubilizer and interferes with 
the FAME and glycerol separation (Myint and El-Halwagi, 2009: 272). It can’t be 
separation completely because glycerol phase has a huge of methanol content and 
methanol content has FAME as contaminate. Therefore methanol distillation column 
is used after reactor system. After that, decanter is used again and glycerol stream 
meets specification standard. The upper stream content FAME and unconverted oil. 
FAME purification is used although supercritical and subcritical with co-solvent 
methods has high conversion, but it can’t reach biodiesel properties. On the other 
hand, the lower stream is same each process.

Process flowsheet diagram
In this research, four continuous processes including, the conventional 

two-step method (process 1), the two-step method with modification on the reaction 
section (process 2), supercritical methanol method (process 3) and subcritical 
methanol method (process 4), are simulated using Aspen Plus v7.3.2. The feedstock 
used in all flowsheet is waste cooking oil with 5.2% wt. FFA content. For the process 
1 & 2 UNIFAC-DMD is chosen as thermodynamic model while for the process 3 & 4
RK ASPEN EOS is chosen.

Pretreatment section (of process 1 & 2)
The first step of the process 1 & 2 is the pre-treatment section as shown in 

Figure 44. The oil feed stream (105) is pumping and preheated before getting into 
esterification reactor (R-100). Then, heating waste cooking oil is reacted with 
methanol stream (104) which is mixed with H2SO4. FFA in the feed stream which is 
going into the esterification reactor (R-100) is almost completely converted to FAME. 
However, the reaction also produces water as by-product that must be removed. 
Therefore, the outlet stream (106) is washing out of water by glycerol steam in the 
washing column (X-100). Next, the free water stream (107) which mainly contains 
unconverted oil and small amount of FAME go into conventional alkali-catalyzed 
process as shown in Figure 45 (for process 1) or the designed reactor system in Figure 
46 (for process 2). The methanol recovery column (T-100) is used to recover excess 
methanol in stream 108 to be reused in the feed as stream (100) again. The bottom 
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column stream (110) that have glycerol and H2SO4 is sent to the acid removal reactor 
(R-101) with calcium oxide (CaO) and after that the solid waste is filtered.  The last, 
stream (113) is mixed with stream (603) to the glycerol purification column (T-800)
in the transesterification section later.

Two-step method process (process 1)
Two-step method process has pre-treatment before conventional

transesterification section. Pre-treatment section is described before. Then, FAME and 
unconverted oil in the stream (107) is mixed with methanol and NaOH stream (203, 
203A, 203B) and reacted in the transesterification reactor (R-200). The outlet stream 
(204) which is rich in FAME and glycerol is sent to decanter (X-300) is used for
separate phase of FAME and glycerol. After separation phase, the stream (301) and 
(302) are high mass flow of methanol. The methanol distillation column is required to 
recover methanol content with column (T-400) for recovery of FAME stream (301). 
The methanol distillation column requires operate in vacuum condition for control
temperature below thermal degradation of FAME which is 250 °C. For the other 
stream (302), the methanol distillation column (T-500) also recover methanol on the 
top stream (501). At the down column, it is necessary to keep temperature control 
under thermal degradation of glycerol at 150 °C (Zhang et. al., 2003). The T-500
column and another methanol column (T-400) are operated on vacuum condition. On 
the top stream of methanol column, streams (401 and 501) are mixed together with 
the stream (203A) and reused for the reactor section. The FAME-rich stream (402 and 
402A) is further purified in the column (T-700) by evaporation. Column needs to be 
operated under vacuum condition to have temperature on top 250 °C again.
The otherwise, glycerol rich stream (502 and 502A) is pump and sent to the reactor 
(R-600) to remove NaOH by neutralization with phosphoric acid (H3PO4), and 
separate (Na3PO4) in the stream (WASTE2). The stream (603) is mixed with stream 
(113) from pre-treatment section. The last mixed stream of glycerol is purifies by 
glycerol purification column (T-600) to have 98% wt. purity.

Two-step method with modification in the reaction section (process 2)
The second process, pre-esterification with improved reactor system 

alkali-catalyzed process is shown on Figure 44 and 46. The pre-treatment step is 
described and same first process included all equipment units and component streams
have same number. Then the improved reactor consists of 3 reactors to reach high 
conversion (99.99% wt.) and unconverted oil are under-limit of biodiesel 
specification. Unconverted oil and a small amount of FAME in the stream (107) are 
mixed with the split stream of methanol and NaOH (203-R1). Then, after first 
transesterification reactor (R-200) is already reacted, unconverted oil has conversion 
reach 80% wt.. The stream (204) is separated phase by decanter (X-200). Glycerol 
phase and mainly methanol content is going with stream (206) and feed into splitter.
Splitter is separate 2 outlet streams, first stream is recycled and feedback into reactor 
(R-200) to reuse methanol. The second stream which content unconverted oil and 
FAME in upper phase is mixed with the split stream of methanol and NaOH (203R2). 
The second transesterification reactor (R-201) have reaction of unconverted oil and 
methanol until conversion is 92% wt..  After that, outlet stream (207) is separated by 
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decanter (X-201) same route as before. This separator separate like same other. The 
upper stream (208) feed into the third transesterification reactor to reach overall 
conversion 99.99% wt.. The lower stream of decanter is split and recycled into reactor
(R-201) again. The stream (210) which is out from last reactor is separated by last 
decanter (X-202). The last decanter performs like decanter (X-300) which separate 
phase of glycerol and FAME in the Two-step method process. The upper stream (211)
which is out of reactor section has TG, DG and MG under limit 0.02, 0.02 and 0.08%
wt., respectively. The methanol distillation column (T-400) evaporate excess 
methanol and reuse again. This column operates under vacuum column to avoid 
FAME decomposition at 250 °C. The lower stream of column sufficient reach the 
biodiesel properties and without FAME purification column.

For three streams (206-2, 209-2, 212-2) from splitters is mixed together 
before feed into the methanol distillation column (T-500) also recover methanol on
the top stream (501). The top stream is mixed with stream (401) and reuse again. At 
the down column, it keeps temperature control under 150 °C. The glycerol-rich stream 
(502 and 502A) is pump and sent to the neutralization reactor (R-600) to remove 
NaOH by H3PO4. After neutralization reactor, Tri-sodium phosphate (Na3PO4) which 
is solid waste catalyst and water are produced. Na3PO4 is eliminated by filter unit and 
water content is evaporated at glycerol purification column. The stream (603) with 
water as by-product is mixed with stream (113) from pre-treatment section. In the last,
mixed stream (605) is purified by glycerol purification column (T-600) for eliminate 
water and methanol. The lower stream is received minimum glycerol purity at 98%
wt. and other component under-limit on specification.

Supercritical methanol process (process 3)
The process flowsheet of supercritical methanol is shown in Figure 47.

The oil stream (105) is pre-heated and reacted with methanol in the reactor (R-100). 
The outlet stream (106, 106A, 106B) is going into decanter (X-200) for separate 
phase. However, a large methanol is effect to separation cannot complete by stream 
(202) glycerol steam is content some FAME and unconverted oil. After that, the both 
streams (201, 202) are evaporated a large excess methanol in the methanol distillation 
column (T-400 and T-500) respectively. Both distillation columns are operated under 
vacuum condition to avoid thermal decomposition of FAME and glycerol. Then a 
decanter is sufficient to purify glycerol reach 98% wt. purity. The upper stream (801) 
of decanter which content FAME and unconverted oil is mixed with downstream 
(402, 402A) of T-400. The FAME-rich phase is further purified on the top by a 
distillation column (T-700) while unconverted oil is not distillated and almost content 
on the bottom.
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Figure 46 The designed reactor system in Two-step rpocess (process 2)
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Figure 47 The Supercritical methanol process (process 3)
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Figure 51 The Subcritical methanol with co-solvent process (process 4) 
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Subcritical methanol process with propane as co-solvent (process 4)
The subcritical methanol process with propane as co-solvent is shown in 

Figure 48. This process flow diagram similar supercritical methanol process but only 
has content of propane as co-solvent in the stream (103) that is mixed with the other 
streams before feed into reactor. The oil stream (105) is pre-heated and reacted with 
methanol and have propane as miscible chemical inside the reactor (R-100). The 
outlet stream (106, 106A, 106B) is separated propane firstly by flash separation
equipment (X-200) for recycle and reuse again through stream (201). After that, 
downstream (202) get into decanter (X-200) for separate phase. In this equipment and 
next, separation step same as supercritical methanol process. After that, the both 
streams (203, 204) are evaporated a large excess methanol and a little propane in the 
methanol distillation column (T-400) and (T-500), respectively. Both distillation 
columns are operated under vacuum condition to avoid thermal decomposition of 
FAME and glycerol. Then a decanter is purifying glycerol reach 98% wt. sufficiently 
and other components are pass. The upper stream (801) which content FAME and 
unconverted oil is mixed with the lower stream (402) of T-400.The FAME-rich phase 
is further purified FAME on the top stream in the distillation column (T-700) while 
unconverted oil is not distillated and almost content on the bottom.

Technical assessment discussion
The technical consideration consists of equipment comparison and energy 

consumption. Equipment is the main cost of capital investment.  Larger number and 
size of equipments result in higher cost of construction. Energy consumption is the 
main cost of operating cost. Higher energy consumption result in higher 
manufacturing cost. In additional, another main operating cost is raw material cost.

Number of equipment comparison 
Number of equipments for each process is shown in Table 23. 

Table 23 Number of equipments required for each process
Equipment Process 1 Process 2 Process 3 Process 4
Main equipment
Reactor 4 6 1 1
Distillation column 5 4 3 3
Separator 4 6 2 3
Total main equipment 13 16 6 7
Other equipment
Heat exchanger 4 4 4 4
Pump 7 6 4 3
Total equipment 24 26 14 14

The two-step based methods have higher number of equipment units and 
are more complicated because of the required pretreatment section. Although the 
process 2 has more number of reactors than the process 1, the number of distillation 
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column is reduced because of the easier separation resulting from the more completed 
reaction.

For supercritical based method (process 3 & 4), esterification and 
transesterification can simultaneously occur in a single reactor. However, the process 
4 has higher number of separation units due to the required flash unit for the removal 
of the co-solvent. Further note that both process 3 and 4 require only a decanter for 
glycerol purification while a distillation column is required for the two-step based 
method.

Equipment sizing
The equipment sizing is performed using Aspen Economic Analyzer 

v.7.3.2. The size of process equipments is shown in Table 24. 

Table 24 Equipment sizes for various process units for each process
Process 1 Process 2 Process 3 Process 4

Reactor
Esterification 0.61 x 2.59 0.76 x 2.59 - -
Transesterification
*(Reactor Number)

1.37 x 4.50 *(1) 1.37 x 3.81
*(2) 1.37 x 3.81
*(3) 1.37 x 3.96

0.61 x 9.75 0.31 x 9.91

Acid Removal 0.15 x 1.60 0.15 x 1.52 - -
Neutralization 0.31 x 1.83 0.31 x 1.95 - -
Column
Pre-treatment
Methanol distillation

0.46 x 6.02 0.46 x 5.79 - -

Methanol distillation 
FAME phase 

1.22 x 4.11 1.83 x 4.42 1.68 x 4.19 1.52 x 4.27

Methanol distillation
Glycerol phase 

1.83 x 8.08 1.07 x 9.45 2.74 x 7.01 2.74 x 3.66

FAME distillation 2.90 x 6.63 - 3.35 x 6.40 3.05 x 4.72
Glycerol distillation 0.46 x 4.80 0.15 x 2.99 - -
**Dimensions are diameter (m) x height (m).

The results show that transesterification reactors of the two-step based 
method are much larger than the ones of supercritical based method due to much 
longer residence time. Alkali-catalyzed transesterification requires one hour while the 
supercritical method requires only five to ten minutes for the reaction time. Note also 
that the subcritical methanol method requires smaller reactor than the supercritical 
methanol method because of the milder condition (lesser methanol to oil molar ratio).

Material fabrication
Material of construction of main equipment is show in Table 25. Carbon 

steel is the low cost and sufficiently general material. Hence mainly material of main 
equipment is carbon steel. Stainless steel is suitable for resistance acid and pressure 
therefore esterification reactor and reactor of critical processes are employed.



70 
 

 

Table 25 Material of construction for main equipment of each process
Main equipments Process 1 Process 2 Process 3 Process 4
Reactor
R-100 (Esterification) 316SS 316SS - -
R-101 (Acid removal) CS CS - -
R-200 (Transesterification) CS CS 316SS 316SS
R-201 (Transesterification) - CS - -
R-202 (Transesterification) - CS - -
R-600 (Neutralization) CS CS - -
Column
T-100 (Acid methanol recovery) 316SS 316SS - -
T-400 (Methanol FAME phase) CS CS CS CS
T-500 (Methanol Glycerol phase) CS CS CS CS
T-700 (FAME distillation) CS CS CS CS
T-800 (Glycerol distillation) CS CS - -
* CS = Carbone steel
** 316SS = Stainless steel

Energy consumption
The energy consumption main equipments of four processes are presented 

in Table 26. In the summary energy, the Two-step method improved process is lowest 
energy consumption among four processes. Two-step method process is consumed 
energy more than two-step method improved process due to the high energy 
consumption of the FAME distillation column. The FAME distillation column 
requires 905.357 kW of reboiler for evaporate. Energy consumption shows two-step 
method improved process is preferred promising process more than two-step method 
process although it has higher equipments.

Supercritical methanol process requires higher energy consumption than
subcritical methanol process with propane because it must be recovery excess molar 
ratio of methanol to oil more than. Supercritical methanol process and subcritical 
methanol process with propane require energy of methanol distillation column 
6051.637 and 2043.645 kW respectively. Supercritical methanol process has higher 
energy 2 times compare with subcritical methanol process with propane. 

Table 26 Description of operating conditions and energy of primary equipment
Equipment
Description

Process 1 Process 2 Process 3 Process 4

Esterification
Temperature ºC
Pressure bar
Net heat duty (kW)

60
4
16.6546

60
4
16.5829

- -

Acid removal
Temperature ºC
Pressure bar
Net heat duty (kW)

50
1.1
-1.4544

50
1.1
-1.4544

- -
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Table 26 Description of operating conditions and energy of primary equipments   
(Continuous)

Equipment
Description

Process 1 Process 2 Process 3 Process 4

Transesterification
Temperature ºC
Pressure bar
Net heat duty (kW)
*(Reactor number)

60
4
34.8609

60 *(1-3)
4 *(1-3)
*(1) 16.5281
*(2) 37.3949
*(3) 25.7019

350
25
19.2897

280
12.8
-34.2533

Neutralization
Temperature ºC
Pressure bar
Net heat duty (kW)

50
1.1
-15.7889

50
1.1
18.6228

- -

Methanol recovery 
- Acid

Temperature ºC
Pressure bar
Duty (kW) Condenser

Reboiler

66.12/114.12
1
-112.227
114.083

66.09/115.14
1
-111.663
113.517

- -

Methanol recovery
- Alkali (T-400)
Temperature ºC
Pressure bar
Duty (kW) Condenser

Reboiler

28.36/244.20
0.2
-210.78
636.47

28.34/253.29
0.2
-226.371
669.373

36.52/216.11
0.3
-204.403
471.447

21.43/221.81
1
-377.281
702.165

- Alkali (T-500)
Temperature ºC
Pressure bar
Duty (kW) Condenser

Reboiler

28.35/131.77
0.2
-298.581
303.850

28.34/131.54
0.2
-244.555
254.148

28.37/131.10
0.2
-5469.17
5580.19

21.97/133.02
0.2
-1374.58
1341.48

FAME purification
Temperature ºC
Pressure bar
Duty (kW)  Condenser

Reboiler

210.03/352.0
0.1/0.2
-937.532
905.357

- 241.57/455.9
0.2
-929.887
1097.48

219.83/472.52
1
-1537.86
1558.68

Glycerol Purification
Temperature ºC
Pressure bar
Duty (kW) Condenser

Reboiler

35.12/146.39
0.1
-21.897
40.171

55.89/139.11
0.4
-15.997
36.777

- -

Total energy (kW) 2034.204 1116.877 7168.4067 3568.072

For each process comparison, two-step method improved process is lowest 
energy operating because the designed reactor system requires less energy than
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FAME purification about 11 times. Between the first categories, total summary 
energy of two-step method improved process is nearly half of the total energy 
consumption of two-step method process. But total energy consumption of first 
categories can’t competition with both high operating processes. In the supercritical 
methanol process and subcritical methanol process with propane require extremely 
energy consumption. Supercritical methanol process and subcritical methanol process 
with propane require a lot of energy that mainly uses with recovery excess molar ratio 
of methanol to oil and FAME purification column. However both processes hasn’t 
high energy reactor. Cause of energy has consumed with heating and pumping 
equipments units before. Energy consumption of minor equipments is shown in Table 
27. It has effect on that supercritical methanol process is highest energy consumption
and subcritical methanol process with propane is higher next. Cause of supercritical 
methanol process has higher temperature and pressure than subcritical methanol 
process with propane. 

For the other process, two-step method process and two-step method with 
improved process has different higher range for two categories because both 
processes don’t use high energy consumption to driving the reactions. Two-step 
method process and two-step method with improved process has energy consumption 
similarly.

Table 27 Description of energy consumption of secondary equipments
Equipment
Description

Process 1 Process 2 Process 3 Process 4

Total energy primary
equipment (kW) 2034.204 1116.877 7168.4067 3568.072
Pump 
Net duty (kW)
P-100
P-101
P-102
P-200
P-400
P-500

0.0811
0.4290
0.4201
0.2707
0.3455
0.0199

0.0811
1.0762
1.1465
0.0005

-
0.0214

13.5796
42.3509

-
-

0.2162
0.1464

53.232
21.592

-
-
-

0.0334
Heat exchanger
Net duty (kW)
H-100
H-101
H-102
H-103
H-200

69.8216
-1.1405

-
-

-0.8145

69.3234
-1.6890

-
-

-0.7703

586.623
2094.15
334.947
-3045.25

-

554.969
1185.92
40.889

-1794.06
-

Total energy secondary 
equipment (kW) 70.5734 70.8788 3072.0131 1856.6354
Overall energy 2104.777 1187.756 10240.42 5424.707
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Economic assessment discussion
The four processes of economic evaluation are estimated by Economic 

Analyzer v. 7.3.2. The economic evaluation has the assumption follow: (1) each 
process feed waste cooking oil 4.6 kmol/hour. Waste cooking oil assumes free water 
and any solid impurities. Biodiesel capacity depends on conversion on each process. 
(2) Four processes have operating hour 8000 hour/year. (3) All chemical costs 
including raw material, catalyst, co-solvent and product show in Table 28 and 29.

Table 28 Chemical prices for biodiesel production
Item Specification Price Unit

Chemical
Waste cooking oil Palm oil 20.00a (Baht/kg)
Methanol - 14.92b (Baht/kg)
Sodium hydroxide - 32.65b (Baht/kg)
Sulfuric acid - 98.44b (Baht/kg)
Phosphoric acid - 245.07b (Baht/kg)
Calcium oxide - 40.00b (Baht/kg)
Biodiesel Reference 31.53c (Baht/kg)
Glycerol 98% wt. 28.00d (Baht/kg)
Propane - 10.79d (Baht/L)

a Controlling price in Thailand by www.dit.go.th.com.
b Depend on market cost in Thailand. 
c Controlling price by Energy Policy and Planning Office, Ministry of Energy, Royal 
Thai Government. 
d Price from http://www.icispricing.com (Asia International Price)

Table 29 Chemicals and utilities prices for biodiesel production
Item Specification Price Unit
Waste treatment
Calcium sulfate - 20.00b (Baht/kg)
Tri-sodium phosphate - 20.00b (Baht/kg)
Utilities
Cooling water - 27.19e (Baht/M3)
Electricity - 2.65e (Baht/kW)
Low pressure stream @ 690 kPa 55.83b (Baht/kg)
e Standard price from government of Thailand.

Basic and scope calculation
Before economic assessment, the parameters are specific in Table 30 and 

31. Exchange conversion rate is 31.13 Bath/USD at 14 July 2011 and plant location is 
constructing at Samut prakarn, Thailand with tax rate 38%. In addition, Economic 
Analyzer database at first quarter in 2011.
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Table 30 General specification for capital costs of four biodiesel production
Process 1 Process 2 Process 3 Process 4

Description Proven process Proven process New process Unproven 
process

Complexity Typical Slightly complex Simple Simple
Control Digital Digital Digital Digital
Location Thailand Thailand Thailand Thailand
Currency Thai Baht Thai Baht Thai Baht Thai Baht
Project type Grass roots Grass roots Grass roots Grass roots
Start date 1 Jan. 2012 1 Jan. 2012 1 Jan. 2012 1 Jan. 2012
Soil Firm Clay Firm Clay Firm Clay Firm Clay
Operation Batch 24 hour Batch 24 hour Continuous 

24 hour
Continuous

24 hour

Table 31 Investment analysis parameters for the four biodiesel production
Name Value Unit
Life of project 20 year
Tax rate 38 %/year
Desired rate of return 20 % year
Salvage value 20 %/Capital Cost
Depreciation method Straight line
Escalation parameter
Project Capital Escalation 5 %/year
Products Escalation 5 %/year
Raw Material Escalation 3.5 %/year
Operating and Maintenance Labor Escalation 3 %/year
Utilities Escalation 3 %/year
Project capital parameters
Working capital percentage 5 % of fixed capital cost
Operating cost parameters
Operating charges 25 % operating labor cost
Laboratory charges (lump-sum) 15 % operating labor cost
Maintenance 6 % of fixed capital cost
Plant overhead 50 % operating labor and 

maintenance cost
G & A expenses 8 % of subtotal operating cost 
Facility operation parameters
Facility type Chemical processing facility
Operating mode Continuous processing

24 hours
Length of start-up period 20 weeks
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Total capital investment
Total capital investment which consists of equipment costs, contingencies 

and fees, and cost of associated. Total equipment costs or total bare module is shown 
on Table 32. Equipment cost in Table 32 is divided three equipment groups that are 
reactor, column and the other equipments. 

Table 32 Equipment costs for each process
Equipment Process 1 Process 2 Process 3 Process 4
Reactor
Esterification 12.863 12.863 - -
Transesterification 21.466 21.466

21.466
21.536

30.472 6.842

Acid Removal 7.509 7.509 - -
Neutralization 8.824 8.824 - -
Column
Pre-treatment
Methanol distillation 15.883 15.960 - -
Methanol distillation
FAME phase 23.407 24.846 24.404 19.763
Methanol distillation
Glycerol phase 20.620 20.324 82.827 25.826
FAME distillation 47.157 - 43.633 44.950
Glycerol distillation 15.269 5.865 - -
Other
Pumps 8.510 8.132 76.481 16.784
Heat exchangers 2.126 2.126 41.151 34.263
Separators 6.888 11.452 4.678 6.778
Total bare module 190.521 183.820 303.646 155.207
Contingencies and fees 78.611 72.538 81.723 68.540
Total module cost 269.132 256.358 385.369 223.747
*Unit information cost is Million Baht.

The first category of total capital investment is total bare modules or 
equipment cost. Many primary types of equipment are shown cost in Table 32 and 
costs of secondary equipment are sum. Both two-step method processes require 
esterification reactor for pre-treatment feedstock hence this cost is added for Two-step 
method and Two-step method with improved process. In the transesterification 
reactor, both Two-step method processes, commonly single transesterification reactor 
is used but Two-step method with improved process required three reactors for reach 
high yield and conversion. Each reactors cost of both processes are similar prices omit 
the third reactor has slightly higher volume than other because FAME content has 
higher volume than unconverted oil. On the other hand, supercritical methanol 
process subcritical methanol with co-solvent process and are constructed from 
stainless steel to resistance for temperature and pressure hence it has high cost than 
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other. Supercritical methanol process have highest reactor cost although reactor have 
a lower volume compare with conventional reactor. In additional, subcritical methanol 
with co-solvent process has lowest reactor volume because it has lower molar ratio of 
methanol, lower residence time and temperature and pressure lower than supercritical 
methanol reactor therefore this equipment cost are lower than other. Next, the reactors 
considerations are washing or treatment catalyst. Both Two-step method reactors need 
acid removal and neutralization reactor while high operating condition processes are 
not necessary. 

In the column consideration, pre-treatment methanol distillation column, 
both Two-step method processes are similar cost because processes have similar 
methanol content and other composition input. The methanol distillation column after 
transesterification section has the results same again. The FAME purification has 
highest equipment cost because it must be evaporate high content biodiesel to top 
stream. The last comparison of Two-step method processes, glycerol purification are 
used with distillation column with higher different cost. Cause of Two-step method 
with improved process has higher glycerol purity than Two-step method process.
While methanol distillations of high operating processes are higher than both Two-
step method processes because methanol content is higher especially supercritical 
methanol process that shown methanol distillation column on glycerol phase has 
higher cost approximately 4 times of other distillation column. In addition, subcritical 
methanol with co-solvent process has lowest cost of methanol distillation in FAME 
phase and high different cost of methanol distillation in glycerol phase because flash 
separator is recover some methanol content before feed into the methanol distillation 
column.

In the other equipment, pumps, heat exchangers and separators of 
supercritical methanol process has highest because the process require keep condition 
before feed into reactor. Then subcritical methanol with co-solvent process has high 
cost of pump and heat exchanger next and the last both Two-step method processes 
are similarly. Two-step method with improved process has separators cost highest 
because it necessary uses decanter to divide phase of FAME and glycerol.

Total equipment costs for each process, supercritical methanol process has 
highest process cost for 303.646 million Baht because of pump, heat exchanger and 
methanol distillation column. Then Two-step method process has the second high cost 
because low purity of feed into FAME distillation, it can bring the cost of FAME 
distillation column high included pre-treatment section. The process has equipment 
cost 190.521 million Baht and 62.74 percentages of supercritical methanol process. 
The third process of high cost is Two-step method with improved process because it 
needs three series reactors for used and pre-treatment section same Two-step method 
process. This process is 183.82 million Baht nearly cost of Two-step method process 
and 60.54 percentages of supercritical methanol process. The lowest cost of process is 
subcritical methanol with co-solvent process because lower conditions of reactor than 
supercritical methanol process and lower reactor volume. Although pumps and heat 
exchangers included methanol distillation column has bring high cost, the process has 
lowest equipment cost nearly half (51.11 percentages) of supercritical methanol 
process. The pretreatment section is caused of 19-21% increasing of total equipment 
costs.
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In the main contribution factors, main factor of Two-step method process 
has FAME distillation column effects on 24.75% of total equipment cost similar the 
subcritical methanol with co-solvent process which has 28.96% of total equipment 
cost. Moreover, subcritical methanol with co-solvent process also has heat exchangers 
cost 22.76% of total equipment cost. Both equipments have influence for total 
equipments 51.04% of total equipment cost. While Two-step method process, series 
of transesterification reactors is a large part of equipment costs that is 35.07% of total 
equipment cost because the process strictly designs for reach high conversion and 
yield. The last process, Supercritical methanol process has methanol distillation 
column and pumps which are mainly contribution factors 27.28 and 25.19% of total
equipment cost, respectively.

Table 33 Total purchased equipment for each process
Process 1 Process 2 Process 3 Process 4

Total Equipment costs 190.521 183.820 303.646 155.207
Purchased Equipment 44.462 49.551 112.458 40.933
Equipment Setting 0.225 0.175 0.346 0.202
Piping 31.479 18.996 56.315 40.279
Civil 6.978 6.188 7.212 5.400
Steel 3.741 3.450 3.905 2.729
Instrumentation 78.032 74.278 41.770 41.227
Electrical 26.086 26.736 24.278 23.248
Insulation 8.941 6.490 8.890 7.354
Paint 1.036 0.855 0.810 0.785
Total direct cost 391.501 370.539 559.630 317.364
Other 138.120 125.436 104.370 70.007
G and A Overheads 7.176 6.653 8.671 5.260
Contract Fee 13.798 12.841 12.965 9.122
Contingencies 64.813 59.697 68.758 59.418
Fixed capital cost 615.408 575.166 754.394 461.171
Working Capital Cost 23.186 21.356 24.597 16.696
Total Capital Investment 638.594 596.522 778.991 477.867
*Unit information cost is Million Baht.

The second category of total capital investment is contingencies and fees 
that calculated for approximately constant percentages of equipment cost. This study 
has contingencies and fees 18 percentages of total equipment cost. Then, if process 
has high equipment costs, it also has relatively high contingencies and fees. Total 
module cost is summary of equipment costs with sign contact, other free cost, 
unpredictable cost and un-estimated cost. Supercritical methanol process is calculated 
to be 81.723 million Baht which has highest cost of contingencies and fees among 
processes. Two-step method process is next high that has cost 78.611 million Baht. 
Two-step method with improved process is lower cost next which is 72.538 million 
and the last lowest process is subcritical methanol with co-solvent process although it 
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is unproven process and has high factor of contingencies and fees, cost of process is 
68.54 million Baht.

The last category is cost of associated or total purchased equipment that 
shown on Table 33. Total purchased equipment is auxiliary facility i.e. purchased 
equipment, equipment setting, piping, civil, steel, instrumentation, electrical, 
insulation and paint. These are added with total bare module to form total direct cost. 
Total direct cost is meaning all of installation equipment costs.  Later, all information 
which below total direct cost in Table 33 is added with total direct cost to form fixed 
capital cost. The last, work capital cost is added with fixed capital cost to total capital 
investment.

Total manufacturing cost
Total manufacturing costs of four processes has the results on Table 34. 

Table 34 consists of direct manufacturing cost, indirect manufacturing cost, general 
and expenses cost included after tax rate of return. After tax rate of return is a general 
criterion for economic performance of chemical plant. It decides the attractive 
operating process.

Figure 49 shown percentages of contribution of total manufacturing cost. 
The first category, direct manufacturing cost for each process is mainly cost of total 
manufacturing cost approximately 79-82%. 

Figure 49 Percentages of contributors of total manufacturing cost 

The oil feedstock cost which is found to the major contributor of total 
manufacturing cost is comprising 74.18%, 70.53%, 69.61% and 71.34% of total 
manufacturing cost of Two-step method process, Two-step method with improved 
process, Supercritical methanol process and subcritical methanol with co-solvent 
process.
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Table 34 Total manufacturing cost for each process

*Unit information cost is Million Baht/year.

Other components are different from each process with laboratory refer. 
Two-step method process and two-step method with improved process are similarly 
components hence total manufacturing cost are nearly. Both processes have cost of 
catalyst and waste disposal hence these processes are higher total direct 
manufacturing cost with among other processes. Supercritical methanol process is not 
requiring catalyst or chemical treatment. While subcritical methanol with co-solvent 
process just only a few cost of co-solvent. The other important cost of direct 
manufacturing is electricity, Two-step method and Two-step method with improved 
process has electrical cost highest among other processes because high equipment 

Process 1 Process 2 Process 3 Process 4
Direct manufacturing cost
Oil feedstock 558.328 558.328 558.328 558.328
Methanol 44.148 45.001 44.724 44.219
Catalyst 32.26 29.166 - -
Solvent - - - 11.011
Stream @690 kPa 0.128 0.116 1.35 0.333
Stream @2760 kPa - - 0.187 0.278
Cooling water 0.02 0.003 0.08 0.068
Electricity 2.651 3.959 2.852 1.941
Waste disposal 2.305 2.106 0.099 0.102
Operating labor 1.8 1.8 0.9 0.9
Supervisory labor 0.682 0.682 0.682 0.682
Maintenance and repair 0.564 6.92 0.582 2.02
Operating supplies 0.621 0.621 0.396 0.396
Laboratory charges 0.143 0.171 0.142 0.146
Subtotal 643.65 648.873 610.322 620.424
Indirect manufacturing cost
Overhead, packing and storage 4.061 4.701 3.701 1.801
Depreciation 17.666 30.992 35.697 24.231
Property Taxes 29.4 49.119 47.196 45.054
Insurance 0.097 0.136 0.129 0.117
Subtotal 694.874 733.821 697.045 691.627
General & Administrative costs 57.765 57.773 105.056 91.005
Total production cost 752.639 791.594 802.101 782.632
Glycerol credit 60.442 73.978 77.884 79.641
Total manufacturing cost 692.197 717.616 724.217 702.991
Revenue from biodiesel 763.769 891.696 839.527 861.069
Net annual profit 71.572 174.08 115.31 158.078
Income taxes 27.197 66.150 43.818 60.070
Net  annual profit after taxes 44.375 107.930 71.492 98.008
After-tax rate of return 14.019 41.855 11.788 47.535
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units need high electricity for controlling equipments especially Two-step method 
with improved process has three transesterification reactors, it effects highest 
electrically power. In the total direct manufacturing cost, supercritical methanol 
process is lowest cost because it no needs chemical, waste disposal and co-solvent. 
Subcritical methanol with co-solvent process has second lowest cost because co-
solvent is lower cost compare with catalyst and both Two-step processes are similarly 
higher cost. 

Two-step method with improved process has high cost of depreciation 
which is 30.992 million Baht cause of many equipment units effect on reducing 
variable cost from the time. But supercritical methanol process has highest 
depreciation cost because the process highest equipment cost with highest operating 
parameters that effects to damages with equipment units and then it brings highest 
depreciation cost. This process also has property tax highest cost among other 
processes. Depreciation and property tax are influence for the indirect manufacturing 
cost. These reasons bring Two-step method with improved process is highest the 
indirect manufacturing cost and supercritical methanol process has the second highest. 

When total direct manufacturing cost, total indirect manufacturing cost and 
general and administrative costs are sum, the overall paid cost is formed, namely total 
production cost is compared. Before summary with general and administrative costs, 
subcritical methanol with co-solvent process is lowest subtotal cost. When the four 
processes are summary with general and administrative costs Two-step method 
process are lowest because it is proven process included Two-step method with 
improved process. New process and unproven process like high operating processes 
need high cost of research and development product and facilities hence both 
processes has high cost.

After that, total production cost is minus by glycerol credit that is assisting 
for decreasing operating cost. Glycerol credit has variables approximately 8-10% of 
total production cost. Total manufacturing cost of Two-step method process, 
subcritical methanol with co-solvent process, Two-step method with improved 
process and supercritical methanol process are 692.197 million Baht, 702.911 million 
Baht, 717.616 million Baht and 724.217 million Baht, subsequently from lowest to 
highest. 

After that, total manufacturing cost is minus from selling cost of biodiesel 
to form Net annual profit that is gain of each process. Net annual profit is minus from 
taxes to form Net annual profit after taxes. Net annual profit after taxes is parameter 
for calculating After-tax rate of return. 

After-tax rate of return is the one of economic criteria for measurement 
and performance process. For each process, after-tax rate of return are positive value 
which is shown benefit for investment. Subcritical methanol with co-solvent process 
has the most attractive economic criteria with after-tax rate of return that 47.535 
although general and administrative costs are high. Two-step method with improved 
process is secondary highest at 41.855 that is slightly lower than the first highest. 
Two-step method process and supercritical methanol process are positive and lower 
value. These processes are not interesting compare with two processes high before. 
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Economic criteria
The objectives are the one of most frequently listed by executives. To 

determination, some maximum variable such as return on investment, aggregate 
earnings, increase economic value and rate of return. Economic criteria estimate most 
attractive process. Different studies used different economic criteria. In the present 
study, economic criteria which are used are Payout period, Internal rate of return and 
Accounting rate of return.

Table 34 shows economic criteria all processes. All of criteria in rate of 
return shown subcritical methanol with co-solvent process is the most attractive 
process. Net return rate is shown variable for profit return. Higher value shown higher 
return profit rate hence the period of return of asset is lower than. Payout period is 
economic criteria that shown how many years for return all of capital cost. Subcritical 
methanol with co-solvent process has a least year among processes for return 
investment after that the remaining project life are running profit later. This process 
has higher year for make a profit. Hence subcritical methanol with co-solvent process 
is most attractive alternative process. 

Table 34 Economic criteria of each process
Economic criteria Process 1 Process 2 Process 3 Process 4
Internal Rate of Return 28.8069 33.9396 26.9966 34.622
Modified Internal Rate of Return 20.4073 20.4875 20.2727 20.6294
Net Return Rate 7.0682 8.47328 4.6803 11.0801
Payout  Period 8.87009 6.96036 10.1312 6.67463
Accounting Rate of Return 109.996 143.311 143.719 222.808
Profitability  Index 1.07011 1.08446 1.04645 1.11029
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Chapter 5

Conclusion

Four processes of biodiesel production comprise of two-step method process, 
two-step method with modification on the reaction section, supercritical methanol 
process, and subcritical methanol with co-solvent process from waste cooking oil are 
synthesized by Aspen Plus v.7.3.2 and Economic Analyzer v.7.3.2. The information is
based on Thailand. The modification on the reaction section of the two-step method is to 
improve the reaction conversion that results in easier separation task in the later section,
namely FAME distillation column is not required. The use of co-solvent is to attenuate 
the operating condition of the supercritical process.

Technical assessment which is study based on the number of equipment units, 
size of equipments, and energy consumption. Supercritical and subcritical methanol 
processes have lowest number of equipments and are simple because many reactions 
occur inside only one reactor. While the both two-step method process is complicated 
because of the two reactions sections and has much larger reactor because of the required 
longer residence time. In the sizing of equipments, both Two-step method processes are 
almost nearly size of equipments between two processes. Supercritical methanol process 
has a large size of FAME distillation column and reactor while subcritical methanol has 
smaller than because of lower methanol contents. High energy consumption is required 
for the supercritical methanol process but with use of co-solvent the required energy can 
be reduced.

Economic analysis reveals that all alternatives are economically feasible. 
However, the subcritical methanol process with a co-solvent is the most preferable
because of it has lowest total capital investment and total manufacturing cost. In the 
profitability index, subcritical methanol is the best value. In addition, analysis also shows 
that oil feedstock is the major cost (around 69-74%) of the total manufacturing cost.
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